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Sažetak 

Sinteza velikog broja produkata kemijske, farmaceutske i prehrambene industrije 

sadrži reakcije dehidriranja. Za te reakcije uobičajena je primjena višestupnjevite kemije 

zaštitnih grupa, različitih organskih otapala i vrlo često teških metala kao katalizatora. K 

tome, visoke temperature pred- i nad-tlakovi neophodni za provedbu kemijskog dehidriranja 

čine ovakove sinteze skupim, kompleksnima i nepovoljnima za okoliš. 

Zbog toga je u zadnjih dvadesetak godina razvijen veliki broj procesa koji za svoju 

provedbu koriste biokatalizatore. Primjenom biodehidriranja sintetski put je skraćen, procesi 

se provode u fiziološkim uvjetima, izbjegnuta je upotreba teških metala kao katalizatora, 

sporedni produkti su lako razgradljivi i neotrovni, što čini biotransformacije jednostavnijima 

za provedbu i ekološki prihvatljivima. 

 Industrijska upotreba biokatalizatora za provedbu reakcija dehidriranja vrlo je raširena, 

primjerice pri proizvodnja Vitamina C i anti-diabetika MiglitolTM. Moderne metode 

metaboličkog inženjerstva omogućuju provedbu velikog broja reakcija biodehidriranja 

korištenjem rekombinantnih produkcijskih mikroorganizama prilagođenih provedbi željenih 

reakcija, primjerice kroz ekspresiju gena bitnih za proizvodnju željenog produk(a)ta, 

"isključivanjem" neželjenih sporednih reakcija itd. 

 Pirogrožđana kiselina se upotrebljava u farmaceutskoj (sinteza L-DOPA i L-efedrina), 

prehrambenoj (dodatak hrani) i agrokemijskoj industriji. U novije vrijeme pronađeno je da 

upotreba pirogrožđane kiseline smanjuje broj slobodnih radikala i ima inhibicijski utjecaj na 

neke tumore. Tabletirana natrijeva sol pirogrožđane kiseline jedan je od vodećih dijabetičkih 

proizvoda u svijetu u zadnjih pet godina. 

 Klasični kemijski način proizvodnje pirogrožđane kiseline je piroliza vinske kiseline 

uz prisustvo KHSO4 i teških metala kao katalizatora pri 200 º C. Kako je u zadnjih dvadesetak 

godina porastao zahtjev za primjenu čistijih tehnologija u industrijskoj proizvodnji tako je  

razvijeno i više procesa dobivanja pirogrožđane kiseline upotrebom biokatalizatora. Jedan od 

njih je i proces dobivanja pirogrožđane kiseline iz glukoze upotrebom rekombinantne 

Escherichia coli. 

 U ovom radu je razvijen i optimiran novi proces dobivanja pirogrožđane kiseline, 

upotrebom metodologije kemijskog inženjerstva, bilanciranja i modeliranja procesa, te 

identifikacije i optimiranja procesnih parametara u cilju postizanja maksimalnog iskorištenja 

pirogrožđane kiseline na glukozi, maksimalnog prostornog vremenskog iskorištenja i konačne 

koncentracije pirogrožđane kiseline. 



 Razvijena su četiri različita procesa proizvodnje pirogrožđane kiseline: semi-

kontinuirani, ponovljivi semi-kontinuirani proces, kontinuirani proces s povratnim tokom 

biomase i kontinuirani proces s potpuno integriranom separacijom pirogrožđane kiseline (kao 

separacijski proces korištena je elektrodijaliza). 

 Razvijen je i model procesa biokonverzije glukoze u pirogrožđanu kiselinu, 

procjenjeni parametri modela te ocjenjena valjanost istoga. Također je razvijen i model 

procesa elektrodijalize. 

 

Ključne riječi: razvoj procesa, Escherichia coli, piruvat, model procesa, potpuno integrirana 

separacija produkta 



 

Summary 

The commercial demand for pyruvic acid has increased greatly in past decades owing 

to it various applications, e. g. as an effective starting material for the synthesis of many 

drugs, agrochemicals and nowadays in food industry as a fat burner. The main goal in this 

project was the development of a pyruvate production process from glucose with a high molar 

pyruvate/glucose yield (approaching 2 mol pyruvate/mol glucose) and space-time yield using 

a recombinant Escherichia coli YYC202 strain. This strain is completely blocked in its ability 

to convert pyruvate in acetyl-CoA or acetate, resulting in acetate-auxotrophy during growth in 

glucose minimal medium. 

Due to the strain genotype, acetate availability was assumed to represent a key 

fermentation variable. Experimental studies identified a "simple" correlation between acetate 

consumption rate (ACR) and CO2 production rate (CTR) with an optimum equal molar ratio. 

Therefore, CTR (calculated on-line by CO2 and O2 exhaust gas analysis) was used for on-line 

calculation and regulation of the acetate feed (acetate limiting, saturating and accumulating 

conditions could be established). Glucose closed-loop control was established and series of 

fed-batch processes were performed. At optimal process conditions final pyruvate titer higher 

than 700 mmol dm-3 (62 g dm-3), integral molar yields of 1.11 mol pyruvate/mol glucose and 

a space time yield (STY) of 42 g dm-3 d-1 were achieved. Evidence was obtained that high 

extra-cellular pyruvate concentration inhibits the process. 

To face this problem with process engineering means, repetitive fed-batch experiments 

with cell retention were performed. Molar yield pyruvate/glucose was improved up to 1.7 mol 

mol-1. STY was increased more than 300 % and has reached 145 g dm-3 h-1. Continuous 

process with cell retention was developed to simplify complex set-up used for repetative fed-

batch process. At optimal process conditions molar yield of 1.24 mol pyruvate/mol glucose 

and STY higher than 110 g dm-3 d-1 were achieved. 

To separate pyruvate from fermentation broth fully integrated continuous process has 

been developed. In this process electro-dialysis was used as a separation unit. Under optimum 

conditions final (calculated) pyruvate titers higher than 900 mmol dm-3 (79 g dm-3) were 

achieved. Additionally, unstructured model for the bioconversion of glucose to pyruvate, as 

well as model of the electrodialysis process were developed, process parameters were 

estimated and both models were validated. 

 

Key words: process development, Escherichia coli, pyruvate, modeling, in situ product 

recovery 
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1. Introduction 1

1. INTRODUCTION 

 

 The commercial demand for pyruvic acid has increased greatly in past decades owing 

to its various applications, apart from the fact that it plays a central role in energy metabolism 

in living organisms. Industrially, it is used mainly as a starting material in the biosynthesis of 

pharmaceuticals such as L-trytophan, L-tyrosine and alanine, as well as L-dihydroxyphenyl 

alanine (L-DOPA) by known methods1-7. It is also widely use in agrochemical industries in 

the production of crop protection agents, polymers, cosmetics and food additives8. 

Furthermore calcium pyruvate has a strong effect in reducing fat because it can accelerate the 

metabolism of fatty acids in the human body9,10. It improves exercise endurance capacity11, 

serves as a potent antioxidant12, reduces anoxic injury and free radical formation13 and 

prevents neuronal degeneration associated with ischemia14. 

 Due to the importance and the great demand of pyruvate, different processes for the 

production of pyruvic acid have been developed in the past. They include both, the classical 

chemical method (pyrolysis) and biotechnological methods. 

Pyruvic acid is produced in an industrial scale by the classical method including 

dehydration and decarboxylation of tartaric acid at 220 °C in the presence of KHSO4. The 

crude acid obtained is then distilled under vacuum15. Also, dehydrations of ethylene glycol16, 

bitartratic salts17, diethyl tartrate18 and oxidations of lactic acid19,20, propylene glycol20,21, 

hydroxyacetone22, are common methods for production of pyruvate. All described processes 

are energy-intensive, environmental incompatible and not cost-effective8, therefore, in last 

two decades, development of environmental friendly and sustainable bioproduction pyruvate 

processes was intensify. There are basicaly three methods for biotechnological production of 

pyruvate8: 

- the enzymatic methods; pyruvate is produced from D-(-)lactate by the use of 

permeabilized cells of methylotrophe yeast´s Hansenula polymorpha or Pichia 

pastoris23,24 and cell free oxidation of lactate to pyruvate by the use of immobilized (S)-

hydroxyacid-oxidase and catalase25. By both methods high yields and reaction rates were 

achieved 

- the resting cell methods; pyruvate is produced from substrate (1,2-propanediol, fumarate, 

R-lactate, citrus peel extract) by cells separated from growth medium26-31,7. The main 

advantage of this method is that the culture time can be reduced 

- direct fermentation methods; pyruvate is produced mainly from glucose through 

glycolysis. By the use of a multi-auxotrophic yeast Torulopsis glabrata8,33-40 fed-batch 
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fermentation with the successive addition of glucose resulted in the maximum 

accumulation of 67 g dm-3 of pyruvate in 63 h (yield 0.98 mol pyruvate/mol glucose)36. 

Similar process using Escherichia coli TBLA-1, characteristic lipoic acid auxotrophy F1-

ATPase deficient6,41-43, with a glucose as carbon source for 24 hours gave 30 g dm-3 

pyruvate41. Some other microorganisms are capable to produce pyruvate from glucose, e. 

g. Schizophyllum commune44, Photobacterium mandapamensis45, Escherichia coli 

51846,113. Except glucose many microorganisms use propane-1,2-diol47, glycogen48, citrus 

peel extract49, lactic acid50, or gluconate51,52 as a sole carbon source to accumulate 

pyruvate but in those fermentation final pyruvate titers are to low to conduct a cost-

effective downstream process. 

Although the above-mentioned approaches are promising, they have some inherent 

disadvantages as follows: (i) The maximum theoretical yield of lactate-based pyruvate 

production is 1 mol mol-1, whereas 2 mol mol-1 could be produced theoretically using a C6-

molecule like glucose. (ii) Current large-scale market prices of lactate (about 1.5 € kg-1) are 

approximately five times higher than glucose prices (0.3 € kg-1), not taking into account 

advantages in atom-economy, as mentioned previously (see (i)). (iii) Following the route of 

enzymatic synthesis, hydrogen peroxide may be produced, which leads to an unwanted 

pyruvate decomposition to acetate, carbon dioxide and water, and finally lowers the 

production yield. (iv) Often, the above-mentioned methods only achieve low titers (about 30 g 

dm-3), which make the total process development unattractive for an industrial scale-up 

because of high downstream costs for pyruvate recovery. (v) In the case of the resting cell 

approach, an expensive multiple step procedure including biomass concentration together 

with costly waste-water removal is proposed. 

In summary, microbial pyruvate production, based on C6 sources like glucose, offers 

the most promising approach for cost-efficient process development. Among the processes 

published so far, the approach of Miyata and Yonehara36 achieved the highest titer of 69 g 

dm-3 together with the highest pyruvate/glucose yield of 0.636 g g-1 thus offering the best 

possibilities for further downstream processing. However, the space-time yield of this process 

was very low (1.24 g dm-3 h-1), which significantly hampers its use for scale-up purposes. 

Thus it is the aim of this study to present an alternative approach that combines high product 

titers with high pyruvate/substrate yields and also with much higher space-time yields to 

enable economical process development.  

Pyruvate process development therefore started by using the recombinant strain 

Escherichia coli YYC202, which is completely blocked in its ability to convert pyruvate into 
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acetyl-CoA or acetate. Consequently, acetate is required for growth on glucose minimal 

medium. Under acetate-limited conditions (non-growing cells) in shake flask experiments at 

low glucose concentration, a maximum yield of 1.7 molpyruvate/molglucose was achieved53-54, 

which could be increased up to 1.9 molpyruvate/molglucose using resuspended cells in buffer. 

These high yields were not obtained during the growth phase, when glucose is used for 

biomass production to a significant extent. 

Hence, process development had to find an optimal way between highly selective 

pyruvate formation and necessary biomass production – both at high reaction rates to 

maximize final space-time yield. It was assumed that acetate represents a key fermentation 

variable. Therefore, the correlation between acetate consumption rate (ACR) and CO2 

production rate (CTR) was a matter of detailed analysis to enable an optimal on-line process 

control via exhaust gas analysis. Additionally, glucose concentrations were controlled on-line. 

By controlling acetate and glucose feeds, a series of lab-scale fed-batch experiments were 

performed, which finally lead to an optimized fed-batch process. Furthermore, basic 

metabolome studies were performed to investigate potential mechanistic limitations of 

pyruvate-producing strains. 

Besides the production process also the product recovery must be taken into account –

not only because of its usually high contribution to the total process costs but also on account 

of the necessity to integrate it on-line into the production process when the product is 

inhibitory. In the case of pyruvate, some hints were published that high extra-cellular 

pyruvate concentrations > 500 mmol dm-3 might cause a significant inhibition of microbial 

pyruvate synthesis40,55. Hence, pyruvate process development should consider strategies to 

separate the product and to purify it as well. 

 Ion exchange and solvent extraction followed by distillation are common methods for 

pyruvate separation from cell-free fermentation broth8. However, the low exchange capacity 

of resins and the use of concentrated acids as eluents makes the application of ion-exchange 

for pyruvate isolation very difficult and not attractive in terms of sustainable process 

development as well as in commercial retrospect. 

 However, the charge-dependent ion-separation in the electric field of electrodialysis56 

is regarded as a promising approach for the downstream processing of organic acids from 

fermentation broth57. It has been widely applied for production of table salts, organic acids, 

amino acids and sugar demineralization as well as for blood treatment and wine stabilization 

and it represents one of the most important membrane processes for environmentally clean 

technology in biochemical industries58-63. 



1. Introduction 4

 Motivated by the working hypothesis that high extra-cellular pyruvate concentrations 

might be inhibitory, it was thus the aim of our study to develop a pyruvate production process 

with integrated product separation using the formerly described production strain Escherichia 

coli YYC202 ldhA::Kan55. Experimental results of a repetitive fed-batch process, continuous 

process with cell retention and an in situ product recovery (ISPR) approach with fully 

integrated three-compartment electrodialysis are presented. 

 A simple unstructured mathematical model for the production of pyruvate from 

glucose by Escherichia coli was developed. The kinetic parameters were developed and the 

model was able to simulate quite well the dynamic behavior of the batch fermentation. 

Additionally, mathematical model to represent the ion and water transport behavior of an 

electrodialysis process for concentrating pyruvic acid under the influence of different current 

density was developed. 
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2. THEORETICAL BACKGROUND 

 

2.1 Biological Background 

 Escherichia coli is a gram negative, facultative, non-sporing procaryotic anaerobe of 

the Enterobacteriaceae family. It is a motile organism that colonies the lower gut of animals. 

Escherichia coli was first described through isolation in the faces of children by the Austrian 

pediatrician Theodor Escherich in 1885 as "Bacterium coli comunale"64. These rod-shaped 

bacteria range in size from 1.0 – 4.0 µm (Figure 2.1). 

 

 
 

Figure 2.1 Escherichia coli cells65 

 

The metabolism is aerobic (oxygen-respiration) or facultative anaerobic (fermentation, 

nitrate-respiration). In a reach medium under optimal condition, the generation time is 20 

minutes at a temperature of 37 °C and a pH between 6.5 and 7.32.2. Because of its 

extraordinary position as a preferred model in biochemical genetics, molecular biology and 

biotechnology, Escherichia coli cells 

- have a completely sequenced genome as in the case of Escherichia coli K12 with 

4,639,221 base pair sequence66; 

- are easy to handle in the laboratory because of their rapid growth rate and simple 

nutrient requirements, which can be met with a minimal medium; 

- are successfully used in industrial production process for the production of 

recombinant proteins and fine chemicals e. g. for insulin, interferon, enzymes such 

as asparaginase and penicillin acylase, amino acids, vitamins, and nucleotides67;
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- are prokaryotes and as a results are normally considered by scientists to be simple 

organisms having a relatively simple structure; 

- have been widely analyzed genetically and microbiologically by many research 

groups and used for many decades around the world, making Escherichia coli an 

organism with the largest available knowledge66; 

- are used in research purposes for the control of metabolic fluxes68. 

 

2.1.1 Glucose Transport System in Escherichia coli 

 The transport of substrates into the cell through the cytoplasmic membrane is 

catalyzed by a variety of specific transport systems. Most bacteria can also be adapted to their 

continuously changing surroundings in order to effectively compete with other organisms for 

limiting nutrients. The substrates are usually in form of sugars e.g. glucose, fructose, mannose 

etc65. E. coli uses glucose as energy and carbon source. The glucose uptake system in E. coli 

is achieved through the phosphoenolpyruvate (PEP) – dependent phosphotransferase systems 

(PTSs). There are about 16 phosphotransferase systems known up until now in E. coli, which 

are not only responsible for the transport and phosphorylation of substrate in cells but also in 

the movement of cells towards the carbon sources, and in the regulation of a number of 

metabolic pathways. The overall process of the PTS catalyzed reaction for glucose is as 

follows: 

ININ

PTS

EXIN phosphate-6-GlucosePyruvate      Glucose  PEP +→+     2.1 

Glucose phosphorylation is coupled to its translocation across the cytoplasmic membrane, the 

energy for these processes being provided by the "energy-rich" glycolytic intermediate PEP. 
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Figure 2.2 PEP-dependent phosphotransferase system for glucose 



2. Theoretical Background 7

 The phosphate group is transferred from PEP to the sugar via obligatory phospho 

intermediates of, HPr, EIIA, and EIIB. Enzyme I (EI) and histidine protein (HPr) are soluble 

cytoplasmic non-sugar specific proteins that are generally called PTS proteins. The EIIs are 

sugar specific and consist of three domains (A, B, C). Enzyme IIA (EIIA) contains the first 

phosphorylation site (P-His), and enzyme IIB (EIIB) contains the second phosphorylation site 

(either a Cys or a His residue). Enzyme IIC (EIIC) has the membrane-bound hydrophobic 

domain and contains the sugar binding site (Figure 2.2). In glucose PTS of E. coli, the 

phosphate group from PEP is not directly transferred onto the sugar but through the soluble EI 

and HPr to the first phosphorylation site of EIIA, which in turn transfers the phosphate group 

to the phosphorylation site of EIIB. The EIIB domain transfers the phosphate group from EIIA 

onto the sugar, which already binds to the sugar binding site of the membrane bound EIIC. 

 The glucose taken up by the cells (under aerobic conditions) is catabolised to 70 % 

through the glycolytic pathway and to approximately 30 % through the pentose phosphate 

(phosphogluconate) pathway (PPP). The 2-keto-3-deoxy-6-phosphogluconate pathway plays a 

minimum role69. 

 The pentose phosphate pathway generates essential pentose intermediates, particularly 

riboses which are used in the biosynthesis of nucleic acid, and also in the production of 

NADPH which is a carrier of chemical energy in the form of reducing power needed for the 

biosynthesis of fatty acids70. The catabolism of glucose through the glycolytic pathway 

(Figure 2.3) under aerobic condition leads to the tricarboxylic acid (TCA) cycle (Figure 2.5). 

 

2.1.2 Glycoliysis 

 The glycolytic or Embden-Meyerhof pathway is the most common pathway for 

glucose degradation to pyruvate in the stage two of catabolism. It is found in all mayor groups 

of microorganisms and functions in the presence or absence of oxygen. Glycolysis (Greek 

glyco, sweet, and lysis, a loosening) is located in the cytoplasmic matrix when present in 

eucaryotic microorganisms. 

The glycolytic pathway degrades one glucose to two pyruvates by the sequence of 

reactions (Figure 2.3)71. ATP and NADH are also produced. The yields of ATP and NADH 

may be calculated by considering the two stages separately. In the six-carbon stage two ATPs 

are used to form fructose-1,6-bisphosphate. For each glyceraldehyde 3-phosphate transformed 

into pyruvate, one NADH and two ATPs are formed. Because two glyceraldehyde 3-

phosphates arise from a single glucose (one by way of dihydroxyacetone phosphate), the 

three-carbon stage generates four ATPs and two NADHs per glucose. Subtraction of the ATP 
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used in the six-carbon stage from that produced in the three-carbon stage gives a net yield of 

two ATPs per glucose. 
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Figure 2.3 The glycolytic pathway for the breakdown of glucose to pyruvate 

 

 Thus the catabolism of glucose to pyruvate in glycolysis can be represented by the 

following overall equation: 

C6H12O6 + 2ADP3- + 2H+ + 2PO4
3- + 2NAD+  2C→ 3H4O3 + 2ATP4- + 2NADH + 2H2O 2.2 

 

2.1.3 Acetate Transport in Escherichia coli 

 Experiments with vesicles of E. coli membrane have provided evidence that specific 

transport system for acetate does not exist in this organism72. The strong inhibitory effect of 

acetate on bacterial growth has been linked to collapse of the trans-membrane pH gradient. 

This finding, along with a study of the independence of growth inhibition on acetate 

concentration, has provided support for the long-held view that acetic acid is one of a group 

of week acids, called uncoupling agents, that catalytically dissipate the proton-motive force, 

∆p (defined as the proton electrochemical potential difference across the cytoplasmic 

membrane; Figure 2.4 illustrates the mechanism of dissipation). 



2. Theoretical Background 9

Periplasm Cytoplasmic matrix

M
em

br
an

e

Ac-Ac-

H+ H+

HAcHAc

 
 

Figure 2.4 Generally accepted mechanism of uncoupling by acetic acid. HAc represents 

the un-dissociated acetic acid 

 

 However, acetate transport is generally thought to occur by simple diffusion through 

bi-layer because transport-deficient mutants have not been isolated and because the saturation 

behavior typical of protein-dependent transport has not been observed73. 

 

2.1.4 The Tricarboxylic Acid (TCA) Cycle  

 Although some energy is obtained from the breakdown of glucose to pyruvate by the 

pathways previously described, much more is released when pyruvate is degraded aerobicaly 

to CO2 in the TCA cycle. The multi-enzyme system called the pyruvate dehydrogenase 

complex first oxidizes pyruvate to form CO2 and acetyl coenzyme A (Ac-CoA, C2H3O-CoA), 

an energy-rich molecule composed of coenzyme A (CoA) and acetic acid joined by a high-

energy thiol ester bond (Equation 2.3). 

C3H4O3 + CoA- + NADP+  C asedehydrogen pyruvate → 2H3O-CoA + CO2 + NADPH  2.3 

 Also, Ac-CoA arises from the catabolism of acetate. There are basically two 

mechanisms for the conversion of acetate into Ac-CoA in E. coli. Acetate might be converted 

by acetate kinase (ackA) phosphorylates to acetyl phosphate (Equation 2.4) and 

phosphotransacetylase (pta) transfers the acetyl moiety from acetyl phosphate to CoA to form 

Ac-CoA (Equation 2.5). 

C2H3O2
- + ATP4- 

ackA
→  C2H3O2(PO3)2- + ADP3-      2.4 

C2H3O2(PO3)2- + CoA- →  C
pta

2H3O-CoA + (PO4)3-      2.5 

These two enzymes might vary in amount due to different carbon sources, and they are 

neither induced by acetate or catabolite repressed by glucose. 
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 Apart from the above mention process, acetate is converted by Ac-CoA synthetase, 

which is an enzyme lacking in glucose grown cells (glucose repressed). Ac-CoA synthetase 

ligates acetate and CoA in the presence of ATP to form Ac-CoA (Equation 2.6). 

C2H3O2
- + CoA- + ATP4-  C e synthetasCoA-Acetyl → 2H3O-CoA + AMP2- + (PO3)2--(PO4)3- 2.6 

 The substrate for the tricarboxylic acid (TCA) cycle, citric acid cycle, or Krebs cycle 

is Ac-CoA. In the first reaction Ac-CoA is condensed with a four-carbon intermediate, 

oxaloacetate, to form citrate and to begin the six-carbon stage. 
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Figure 2.5 The TCA cycle 

 

 Citrate (a tertiary alcohol) is rearranged to give iso-citrate, a more readily oxidized 

secondary alcohol. Iso-citrate is subsequently oxidized and decarboxylated twice to yield α-

ketoglutarate, then succinyl-CoA. At this point two NADHs are formed and two carbons were 

added as acetyl-CoA at the start, balance is maintained and no net carbon is lost. The cycle 
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now enters the four carbon stage during which two oxidation steps yield one FADH2 and one 

NADH per acetyl-CoA. In adition, GTP (a high energy molecule equivalent to ATP) is 

produced from succinyl-CoA by substrate level phosphorylation. Eventually oxaloacetate is 

reformed and ready to join with another acetyl-CoA. Figure 2.5 shows that the TCA cycle 

generates two CO2, three NADH, one FADH2, and one GTP for each acetyl-CoA molecule 

oxidized. 

The TCA cycle appears to be functional in many aerobic bacteria, free-living protozoa, 

and most algae and fungi. However, the facultative anaerobe E. coli does not use the complete 

TCA cycle under anaerobic conditions or when the glucose concentration is high but does at 

other times. 

 

2.2 Bioreactor Concepts 

Bioreactors are used for the production of biomass, for the production of bioproducts 

by microorganisms or by mammalian cells, and for biotransformation of products by cells or 

enzymes. A bioreactor has to be optimized for mass transfer, heat transfer, power 

consumption, product yield and product quality. The optimal type, size and instrumentation of 

a bioreactor for an industrial production are finally determined by economic parameters, e.g. 

by the production costs of the product. Bioreactors can be classified as stirred-tank reactors, 

bubble-column reactors, loop reactors and fixed-bed reactors74-76. 

The basic bioreactor concepts of stirred-tank reactors, i.e., the batch, the fed-batch and 

the continuous flow stirred-tank reactors (CSTR), together with the mass balances will be 

described in this section. 

V, cA, rA 

qV,0, cA,0

qV, cA 

 
 

Figure 2.6 The mass balance over the bioreactor. Accumulation = IN – OUT + Production 
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In order to describe bioreactors concepts and macro-kinetic behaviors in bioreactors a mass 

balance over the bioreactor should be drawn up (Figure 2.6, Equation 2.7)76. The 

accumulation of a compound A in the reactor, with the concentration cA, is equal to the 

amount of A that comes in, minus the amount that goes out, and augmented by the amount 

that is produced: 

( ) Vrcqcq
dt

cVd
AAV,A,V

A ⋅+⋅−⋅=
⋅

00         2.7 

where V is the liquid volume in the bioreactor, respectively, t is time, qV,0 and qV the 

volumetric flow of the in and outgoing stream, respectively, and rA the production rate per 

unit volume. The subscripts 0 refer to the concentration and volumetric flow of influent. 

 

2.2.1 Mass Balances in the Batch Process 

The most-prominent characteristic of the batch reactor is the fact that there are not in- 

and outgoing flow (Figure 2.7). 

V 

cX, cS, cP 

 
 

Figure 2.7 The batch reactor. Accumulation = Production 

 

This means that all that is produced is accumulated. The mass balance (Equation 2.7) thus 

simplifies to assuming ideal mixing: 

( ) Vr
dt

cVd
A

A ⋅=
⋅           2.8 

When the volume V remains constant, Equation 2.8 further simplifies to: 

A
A r

dt
dc

=            2.9 

The Equation 2.10 describes mass balances equation for biomass in the batch bioreactor of 

complete mixing: 
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X
X c

dt
dc

⋅= µ            2.10 

where cX is biomass concentration and µ is specific growth rate. To express µ, and to relate it 

with substrate concentration, cS, Monod′s empirical equation (Equation 2.11) has been 

commonly used: 

SS

S
MAX cK

c
+

⋅= µµ           2.11 

where µMAX is maximum specific growth rate achievable when cS >> KS and the concentration 

of all other essential nutrients is unchanged, and KS is Monod constant. The Monod equation 

consequently may break down if growth is rapid, or if specific growth rate is inhibited by 

medium constituents such as substrate or product. Additionally, it has often been observed 

that below some low threshold value of substrate, cells do not proliferate and/or the desired 

product does not appear in the fermentation. This phenomenon may be due to a maintenance 

process wherein the cell must consume substrate at a small but finite rate just to survive. The 

general form of the specific growth rate including maintenance, m, is 

m
cK

c
SS

S
MAX −

+
⋅= µµ          2.12 

Additionally, mass balances for substrate (Equation 2.13) and product (Equation 2.14) 

in the batch process assuming ideal mixing and constant volume, if substrate is used for both, 

biomass and product formation, are given as: 

XSS/PX
S/X

S crYr
Ydt

dc
⋅⋅−−=

1         2.13 

XSS/P
P crY

dt
dc

⋅⋅=           2.14 

where YX/S is molar yield biomass/substrate, YP/S is molar yield product/substrate, rX is the rate 

of biomass formation (Equation 2.10), and rS is the rate of substrate consumption. The rate of 

substrate consumption (product formation) for a simple kinetic is described by Michaelis-

Menten equation (Equation 2.15) and is given as: 

Sm

S
MAXS cK

cvr
+

⋅=           2.15 

where vMAX is maximum rate of reaction, and Km Michaelis-Menten constant. Michaelis-

Menten equation is analogous to Monod equation, but this one has been derived theoretically. 

Often, even an apparent single-step enzyme system does not follow Michaelis-Menten 

behavior. Two common types of inhibition, those occur in the systems and break down the 
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Michaelis-Menten equation, are competitive or substrate analog inhibition, and reversible 

noncompetitive inhibition. 

 

2.2.2 Mass Balances in the Fed-Batch Process 

 A fed-batch culture is a batch culture, which is fed continuously, or sequentially, with 

medium, without the removal of culture fluid, except for normal sampling. Thus, the volume 

of the culture increases with time. The systematic feeding is done in order to add precursors 

for desired products, or to add regulating compounds such as inducers at a desired point in the 

batch operation, to maintain low nutrient levels to minimize catabolite repression, or to extend 

the stationary phase by nutrient addition to obtain additional product. 

 Fed-batch cultivation is a useful technique not only for cultivation of microorganisms 

showing substrate inhibition or catabolite expression, but also for achieving high biomass 

densities within short cultivation time. For feeding nutrients into the bioreactor, various 

techniques have been developed. Feeding techniques includes constant feeding, exponential 

feeding, and feeding with the respiratory quotient or pH as the control indicator as well as 

various other strategies77. 

V, cA, rA 

qV,0, cA,0

 
 

Figure 2.8 The fed-batch reactor. Accumulation = IN + Production 

 

 The distinguishing feature of the fed-batch reactor is that there is only an ingoing flow 

and no outgoing flow (Figure 2.8). Assuming ideal mixing Equation 2.7 thus becomes: 

( ) Vrcq
dt

cVd
A,A,V

A ⋅+⋅=
⋅

00          2.16 
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Application of the general mass balance equation for a fed-batch culture (Equation 2.16) on 

the biomass (Equation 2.17), limiting substrate (Equation 2.18) and product (Equation 2.19) 

results inn the following mass balance equations: 

( )
X

X c
dt

cVd
V

⋅=
⋅ µ1           2.17 

( )
XSS/PX,S

,VS crYr
Y

c
V

q
dt

cVd
V

⋅⋅−−⋅=
⋅ 11

0
0        2.18 

( )
XSS/P

P crY
dt

cVd
V

⋅⋅=
⋅1          2.19 

 

2.2.3 Mass Balances in the Continuous Process with Cell Retention 

 An interesting consideration is the case of single vessel with reuse and recycle of the 

microbial mass (Figure 2.9). 

V 

cX, cS, cP 
 

cX, cS, cP 

cX, cS, cP 

cS, cP 

qV

ω · qV,0

qV,0, cS,0 

qV,0

 
 

Figure 2.9 The continuous reactor with recycling 

 

It is evident from the figure that 

( ) 01 ,VV qq ⋅+= ω           2.20 

P,V,V qq =0            2.21 

where qV is volumetric flow rate of the cell suspension from reactor, qV,0 is volumetric flow 

rate of the fresh medium, qV,P is volumetric flow rate of cell free fermentation solution, and ω 

is recycle ratio. Mass balances equation for biomass in the reactor of complete mixing in 

Figure 2.9 is (if fresh medium stream to a continuous culture consist only of sterile nutrient): 
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XVX,VX
X rVqcqc

dt
dcV ⋅+⋅−⋅⋅=⋅ 0ω        2.22 

where cX is biomass concentration in reactor, and rX is rate of biomass formation. At the 

steady-state: 

V
q

V
qr

c
,VV

X
X

01 ⋅
−=⋅

ω
         2.23 

From Equations 2.20 and 2.23, 

( ) DDD =⋅⋅−⋅+= ωωµ 1          2.24 

provided 

V
q

D ,V 0= ,           2.25 

X
X

r
c

⋅=
1µ            2.26 

where D is dilution rate (equal to the number of tank volumes which pass through the vessel 

per unit time). Additionally, mass balances for substrate (Equation 2.27) and product 

(Equation 2.28) in the reactor of complete mixing with recycling in the steady-state if 

substrate is used for both, biomass and product formation, are given as: 

( ) 01
0 =⋅⋅−−− XSS/PXS,S crYr

Y
ccD         2.27 

0=⋅⋅+⋅− XSS/PP crYcD          2.28 

 

2.3 Electrodialysis 

 The principal transport process that is used in electrodialysis is the migration of 

charged species in electric fields. The electrolyte and membranes are subjected to an electric 

field, and a transport of current by ionic conduction is induced. In the membrane that is 

dominated by migration, whereas in the electrolyte solution this transport is complemented by 

diffusion and convection processes78-83. 

 

2.3.1 Stack Configuration 

 A unit cell from an electrodialysis (mono-polar electrodialysis) stack81 is shown in 

Figure 2.10. An anion selective membrane is placed facing the anode, while the cation 

selective membrane faces the cathode. The respective ions were forced through the membrane 

by the imposed electric field. Desalination takes place in the channel center where 

electroneutrality is present. In most applications, multiple anion and cation exchange 
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membranes are arranged in an alternating pattern between an anode and a cathode to form 

series of concentrating and diluting cells in the stack (between 5 and 500 cell pairs, typically 

more than 100). 

Bi-polar membrane electrodialysis81 also referred to as water splitting electrodialysis, 

can convert aqueous salt solutions into acids and bases (see section 3.5.1). A water splitting 

stack is similar to a conventional (mono-polar) electrodialysis stack but incorporates a third 

type of membrane, the bi-polar membrane, which is composed of a cation and anion 

membrane layers laminated together. 

Cation exchange
membrane

Anion exchange
membrane

Anion exchange
membrane

Cation exchange
membrane

+

- -

+

+

-

-

-

+ +

Electric field
Unit cell

 
 

Figure 2.10 Principle of electrodialysis – the electric field forces the anions and cations to 

migrate in the opposite directions, while the cation and anion selective 

membranes restrict their movement through the different compartments 

 

 The performance of an electrodialysis process can be determined by calculating so 

called current efficiency (CE) of a given run. Current efficiency gives the efficiency of current 

utilization in transporting salts from the diluting stream to the concentrate stream. Current 

efficiency was calculated based on the following relation81: 

i
FNCE ⋅

=            2.30 

where i is the current density [A m-2], F is the Faraday's constant (96487 C mol-1) and N is the 

mole flux [mol m-2 s-1]. The current density is calculated from the Equation 2.31, where I is 

current, and A [m2] is the total effective area installed. The parameter N is calculated from the 
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Equation 2.32, where V [m3] is volume of concentrate solution, cSalt [mol m-3] is the salt 

concentration in the concentrate solution and t is the time of operation. 

A
Ii =             2.31 

dt
dc

A
VN Salt⋅=            2.32 

 

2.3.2 Ion Exchange Membranes 

 The membrane works trough the principle of electro neutrality. In the membrane 

charged, ionic groups are attached at regular intervals along the polymer chains, which form 

the skeleton of the membranes (Figure 2.11). These groups are positively charge in anion 

selective membranes, which promote content with a high concentration of anions, while 

repelling cations. In addition, the structure and distribution of ionic groups can be engineered, 

for example, to allow higher concentrations of mono-ionic species, as opposed to species with 

greater charges. In this case this results in the selective transport of mono-ionic species, from 

a mono- and di-ionic containing electrolyte80. 
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Figure 2.11 A typical cation exchange membrane 

 

 The most important characteristics of perm-selective membranes used for 

electrodialysis are low electrical resistance, good perm-selective qualities for cations and 

anions, good mechanical properties, good form stability, and high chemical stability. The use 

of electrodialysis is generally restricted to small ions because the electrochemical properties 
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of perm-selective membranes are changed upon their association with large ions. When these 

ions are present in the solution, the electrical conductivity and perm-selectivity of the 

membranes decreases. If large ions are transferred by an electrical current into perm-selective 

membranes, they may become blocked there, poisoning the membrane84. Materials that cause 

fouling and poisoning can be classified into three categories: 

(1) organic anions, proteins, and microorganisms that are to large to penetrate the 

membrane and accumulate on its surface, 

(2) organic anions that are small enough to penetrate the membranes but whose electro 

mobility is to low that they remain inside the membrane, causing considerable 

increase of resistance, and 

(3) organic anions that are smaller than those of category (2), but stile cause a certain 

increase in electrical resistance of the membrane. 

 

2.3.3 Mass Transfer in Electrodialysis78,79,82,85-89 

Mass transfer trough membranes consist of two steps (Figure 2.12): 

(1) the reduction of salt concentration in the solution by electro-transport of ions from the 

boundary layer near the membrane, and 

(2) the diffusion of ions to the partially desalinated boundary layer. 
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Figure 2.12 Mass transfer in electrodialysis. A – anion exchange membrane; C – cation 

exchange membrane; c – concentration in the bulk, c0 – concentration in the 

boundary layer near the membrane; (D) – the diluate stream of the 

electrodialysis unit; (A) – the concentrate stream of the electrodialysis unit82 
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The kinetics of the first step is given by the Nernst equation: 

( )
F

ittN sm
E

⋅−
=           2.32 

where NE is the mole flux of ions by electro-transport, ts the transport number in solution, and 

mt  transport number in membrane. The second step is given by Fick's first low: 

δ
)cc(DND

0−⋅
=           2.33 

where ND is mole flux of ions by diffusion, D the diffusion coefficient [m2 s-1], c the 

concentration of the solution, c0 the concentration of the solution at the boundary layer, and δ 

the thickness of the boundary layer [m]. The thickness of the boundary layer is δ is a function 

of the linear velocity of the solution in the cell and the geometry of the spacer. Under steady-

state conditions, 

DE NN =            2.34 

From Equations 2.32 – 2.34, the following can be derived: 

( )
( )sm tt

ccFDi
−⋅
−⋅⋅

=
δ

0           2.35 

Increasing the voltage of the stack raises the current density. The flux of ions by electro-

transport is also increased until the concentration of the solution in the boundary layer 

approaches zero (c0 ≅ 0). Under these conditions the mole flux of ions by diffusion is 

maximal: 

δ
cDN max,D

⋅
=            2.36 

and 

( )sm
max tt

cFDi
−⋅
⋅⋅

=
δ

          2.37 

 A further increase of ND can be achieved only by decreasing δ. This can be achieved 

by raising the linear velocity of the solution in the cell to a level at which the pressure drop 

across the cells will not cause internal leakage. When 

max,DE NN =            2.38 

the ED unit is operating at the highest value of mass transfer. A further increase in the stack 

voltage will raise the current density. Most of this additional current, however, will cause 

dissociation of water rather than mass transfer from the diluate to the concentrate. 
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When the concentration of the solution in the boundary layers decreases, the electrical 

resistance of the cell pair increases. When the concentration in the boundary layers is low, the 

water dissociates, causing scaling and fouling on the anion-exchange membranes. Therefore, 

it is important that the current density be prevented from approaching the limiting current-

density value. 

Water transport through membranes from the diluate to the concentrate can occur in 

one of the two ways82: 

(1) by the transport of water molecules together with ions through the membranes – the 

flux is proportional to the electric current and is called electroosmosis, or 

(2) by osmosis caused by difference in concentration across the membrane. 

W
MW

W,V J
F

AiVtq +
⋅⋅⋅

=          2.39 

where, qV,W is the water flow rate trough a membrane, tW is the transport number of water, VM 

is the water molar volume and JW is the osmotic water transport. Usually, both ion diffusion 

and osmotic water transfer are negligible with respect to other fluxes79 (in particular, that is 

true for the commercial membranes). 
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3. MATERIALS AND METHODS 

 

3.1 Biological System 

 The strains used were Escherichia coli YYC202 and Escherichia coli YYC202 

ldhA::Kan constructed in Institute of Biotechnology 2, Forschungszentrum Juelich53-55. Both 

strains are completely blocked in their ability to convert pyruvate into acetyl-CoA, 

phosphoenolpyruvate (PEP) or acetate, which was realized by the complete chromosomal 

deletion of genes coding for pyruvate dehydrogenase (aceEF), pyruvate formate lyase (pflB), 

pyruvate oxidase (poxB) and PEP synthetase (pps). Thus, the strains were acetate auxotrophic 

(Figure 3.1). In the strain Escherichia coli YYC202 ldhA::Kan, the lactate dehydrogenase 

(ldhA), responsible for the conversion of pyruvate into lactate, is inactivated. The ldhA 

mutation was performed by P1vir transduction90 using Esherichia coli NZN11791 as a donor. 
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Figure 3.1 Metabolism of glucose and pyruvate in Escherichia coli YYC202 

ldhA::Kan 
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3.1.1 Strain Storage and Precultivation 

 For the preparation of cryoculture 1L flask containing 100 cm3 of Luria-Bertani (LB) 

medium (section 3.2.1) was inoculated from agar plate culture. Flask was incubated in the 

rotation shaker (3033, GFL GmbH) at 37 °C and 150 rpm for 10 hours. At the end of 

cultivation (OD600 = 2 - 3) 100 cm3 of sterile glycerol was added in the culture. Culture 

samples were stored in cryogenic vials at – 80 °C. 

Precultivation was carried out in 1L flasks containing 200 cm3 medium (section 3.2.2). 

Flasks were inoculated with 0.75 cm3 of cryoculture, and incubated in the rotation shaker at 

37 °C and 160 rpm for 15 hours. 

 

3.2 Medium Composition 

3.2.1 LB-medium 

Tryptone, yeast extract and NaCl were dissolved in distilled water and pH was 

adjusted to 7.2 with 45 % NaOH. Medium was sterilized at 121 °C for 20 minutes. 

Tetracycline and kanamycin were prepared separately (dissolved in ethanol and sterilized by 

filtration). 

 

Table 3.1 Composition of the LB-medium 

Compound Concentration [g dm-3] 
tryptone 10.00 
yeast extract 5.00 
NaCl 5.00 
tetracycline 0.01 
kanamycin 0.01 

 

 

3.2.2 Synthetic Medium for Preculture 

All components were dissolved in distilled water. MgSO4 solution, CaCl2 solution and 

glucose solution were prepared and sterilized separately in order to prevent a non-enzymatic 

browning of reduced sugar through reaction with the amino groups and the crystallization of 

MgNH4PO4 (Mailand reaction). pH of salts solution was adjusted to 7.2 with 45 % NaOH. All 

solutions were sterilized at 121 °C for 20 minutes. 
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Table 3.2 Composition of the synthetic medium for preculture 

Compound Concentration [g dm-3] 
Na2HPO4 6.00 
KH2PO4 3.00 
NaCl 0.50 
NH4Cl 1.00 
MgSO4 0.05 
CaCl2 0.01 
glucose monohydrate 2.00 
potassium acetate 0.20 

 

 

3.2.3 Synthetic Medium for Fed-batch Fermentation 

All components were dissolved in distilled water. MgSO4 solution and glucose 

solution were prepared and sterilized separately. pH of salts solution was adjusted to 7.2 with 

45 % NaOH. All solutions were sterilized at 121 °C for 20 minutes. Additionally, trace 

elements solution was prepared separately (see section 3.2.5). 

 

Table 3.3 Composition of the synthetic medium for fed-batch fermentation 

Compound Concentration [g dm-3] 
NaH2PO4 · H2O 1.50 
KH2PO4 3.25 
K2HPO4 2.50 
NH4Cl 0.20 
(NH4)2SO4 2.00 
MgSO4 0.50 
trace elements 1.00 cm3 dm-3 
glucose monohydrate 11.00 
potassium acetate 0.78 

 

 

3.2.4 Synthetic Medium for Continuous Fermentation 

Composition of the synthetic medium for continuous fermentation was same as is 

described in the section 3.2.3 except 1 cm3 dm-3 of antifoam solution (see section 3.2.8) was 

added. Additionally, acetate concentration in the feed medium was varied according to the 

experimental plan (0, 20 and 40 g dm-3 of potassium acetate). 

 

3.2.5 Trace Elements Solution 

The components of the trace elements solution were dissolved in 5 N hydrochloric 

solution (245 cm3 of 32 % HCl and 500 cm3 distilled water). 
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Table 3.4 Composition of trace elements solution 

Compound Concentration [g dm-3] 
CaCl2 · 2H2O 10.00 
ZnSO4 · 7H2O 0.50 
CuCl2 · 2H2O 0.25 
MnSO4 · H2O 2.50 
CoCl2 · 6H2O 1.75 
H3BO3 0.12 
AlCl3 · 6H2O 2.50 
Na2MoO4 · 2H2O 0.50 
FeSO4 · 7H2O 10.00 

 

 

3.2.6 Feed Mediums 

Glucose feed solution and acetate feed solution were separately dissolved in water and 

sterilized at 121 °C for 20 minutes. 

 

Table 3.5 Composition of glucose and acetate feed solutions 

Compound Concentration [g dm-3] 
glucose monohydrate 700 
potassium acetate 109 

 

 

3.2.7 Base 

25 % NH4OH solution was used for pH regulation. 

 

3.2.8 Antifoam 

Antifoam S 289 was sterilized at 121 °C and it was used undiluted. 

 

3.2.9 Buffer for On-line Measurement of Glucose 

Compounds were dissolved in distilled water. pH was adjusted to 7.35 – 7.45 with 32 

% HCl. Finally 1 cm3 dm-3 of TWEEN 20 was added. 

 

Table 3.6 Composition of the buffer for on-line glucose measurement 

Compound Concentration [g dm-3] 
(NH4)2SO4 8.36 
KH2PO4 2.28 
NaCl 5.84 

 



3. Materials and Methods 27

3.2.10 Electrode Rinse Solution 

0.5 mol dm-3 Na2SO4 solution was used as an electrode rinse solution. 

 

3.2.11 Solutions for Enzymatic Measurement of Glucose 

Compounds of tris-maleic buffer were dissolved in distilled water and pH was 

adjusted to 6.8 with 45 % NaOH. MgCl2 · 6H2O solution was dissolved in the water. NAD, 

ATP and MgCl2 solution were dissolved in tris-maleic buffer. NAD/ATP solution was stored 

at –4 °C. The glucose standard solutions were made from glucose-monohydrate, and 

dissolved in the water to the following concentrations 0.05 g dm-3, 0.10 g dm-3, 0.20 g dm-3, 

0.25 g dm-3, 0.30 g dm-3, 0.35 g dm-3, 0.40 g dm-3 and 0.50 g dm-3. The glucose standard 

solutions were stored at –4 °C. 

 

Table 3.7 Composition of solutions for on-line glucose measurement 

Tris-maleic buffer pH = 6.8 

Compound Concentration [g dm-3] 
tris-(hydroxymethyl)-
aminomethane 1.12 

maleic acid 1.16 

MgCl2 solution 

Compound Concentration [g dm-3] 
MgCl2 · 6H2O 20.34 

NAD/ATP-mix solution 

Compound Concentration [g dm-3] 
NAD 0.80 
ATP 0.61 
MgCl2 solution 42 cm3 dm-3 

 

 

3.3 Off-Line Analysis 

3.3.1 Optical Density 

 The optical density (OD600) was measured in a double-beam spectrophotometer (UV-

160, Shimadzu) at 600 nm against water after appropriate dilution of samples with water. 

 

3.3.2 Biomass Dry Weight 

 Biomass dry weight (DW) was measured by filtration of 2.5 cm3 fermentation broth 

using pre-weighted micro filters (0.2 µm cut-off, Schleicher & Schuell). After drying for 48 h 
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at 80 °C, the filters were cooled down in an exicator for an additional 48 h. After filter was 

weighed the cell dry mass was calculated. 

 

3.3.3 Glucose 

3.3.3.1 Determination of Glucose by Biosensor Appliance Accutrend 

 Determination of glucose concentration was carried out with the use of an enzyme-

based biosensor appliance Accutrend (Roche Diagnostic) consisted of Accutrend test strips 

and Accutrend analyzer. The enzyme glucose oxidase, which is immobilized on the test 

strip, oxidizes glucose in the presence of oxygen to equimolar amount of gluconolactone and 

hydrogen peroxide. On such a way formed hydrogen peroxide is measured amperometricaly. 

 The measurement window of the Accutrend biosensor appliance is between 0.1 – 6.0 

g dm-3. After appropriate dilution of fermentation sample with water, 10 mm3 of sample was 

injected onto a cavity of the Accutrend test strip. After 30 seconds, a reading is shown on the 

display of the Accutrend analyzer. 

 

3.3.3.2 Enzymatic Determination of Glucose 

 Enzymatic determination of glucose is based on the photometric measurement of 

NADH formed in the serious of enzymatic reactions starting from glucose. In excess of ATP, 

NAD, hexokinase and glucose-6-phosphate (G6P) dehydrogenase, glucose is completely 

converted in 6-phosphogluconate. The amount of NADH formed is stoichiometric with the 

amount of glucose. 

 

 
 

Figure 3.2 Automatic pipetting station 
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The automatic pipetting station (Figure 3.2) consist of a laboratory robot (Biomek 

2000, Beckman Instrument) was used for enzymatic determination of glucose. The robot can 

pipette and dispense sample volumes between 1 – 1000 mm3. The pipetting station was 

furnished with a robot arm, which was capable of executing single working steps. The 

reservoirs, pipette tips, micro-titer plates and pipetting modules had their respective positions 

at the base of robot. 

The measurement was carried out using a micro-titer plate with 96 wells. By the help 

of the automatic pipetting station micro-titer plate was filled with solutions according to Table 

3.8. Initial extinctions for glucose standards and samples (E0) at 340 nm were measured on a 

micro-titer plate reader (Thermomax, Molecular Devices). Plate was incubated on a shaker 

(Titrimax 100, Heidolph) for 90 minutes at room temperature. After incubation the extinctions 

(E1) for both, glucose standards and samples, were measured. 

The extinction differences of glucose standards (∆E = E1 – E0) were calculated and 

linearly correlated with concentrations of glucose standards. The unknown glucose 

concentrations of samples were calculated from the extinction differences measured and 

estimated slope of regression line. 

 

Table 3.8 Pipetted volume of solutions per well 

Compound Standard [mm3] Sample [mm3] 
NAD/ATP-mix 220 220 
Glucose standard 40 - 
Sample - 40 
G6P dehydrogenase 20 20 
Hexokinase 20 20 

 

 

3.3.4 High Performance Liquid Chromatography (HPLC) 
After centrifugation of the fermentation samples at 13,000 rpm for 10 minutes (Biofuge pico, Heraeus), 

the supernatants were diluted using a dilutor (Micro LAB 1000, Hamilton). Both the samples for organic and 

amino acids were diluted with the dilution ratio 1:100. 

 

3.3.4.1 HPLC for Organic Acids 

 The concentrations of pyruvate, acetate and lactate in the fermentation supernatant 

were measured using an HPLC. Determination of the organic acid concentration involves the 

use of two Aminex HPX-87H (Biorad) columns in series. The separation was performed with 
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5 mmol dm-3 H2SO4 solution at a flow rate of 0.5 cm3 min-1 (pump S1000, Sykam) and the 

detection was at a wavelength of λ = 254 nm (Diode Array Detector, DAD). The signal was 

analyzed with an integrator (C-R3A, Sykam) and the sample volume used was 100 mm3. 

 

3.3.4.2 HPLC for Amino Acids 

The concentrations of alanine, glutamate and aspartate in the fermentation supernatant 

were measured using an HPLC (Sykam). The column used for the detection of amino acids 

was Lichrosher 100 RP 18-5 EC (Merck). The gradient separation (section 7.5.2) was 

performed with a flow rate of 0.9 cm3 min-1 at a temperature of 40 °C. The sample injection 

volume was 10 mm3. The detection was at extinction of 330 nm and absorbance of 450 nm 

(fluorescence detector, RF-535, Shimadzu). 

 

3.3.5 Intra-Cellular Pyruvate Concentration 

 Fermentation broth was sampled in 15 cm3 of quenching solution (60 %, w/w, aqueous 

methanol containing 70 mmol dm-3 2-[4-(2-hydroxyethyl)-1-piperazinyl]ethanesulfonic acid 

(HEPES)) which was maintained at – 50 °C. Sampling volume was calculated by linear 

extrapolation taking for a referable value 5 cm3 of sample if OD was 25. 

The quenched bacterial suspension was centrifuged (Avanti 30, Beckmann) at 10,300 

g for 5 minutes at – 20 °C. The supernatant was removed and the remaining cell pellets were 

resuspended in 2 cm3 of 43.8 % w/w perchloric acid at – 18 °C. In order to ensure complete 

extraction the samples were homogenized and stored at – 80 °C. After one freeze-thaw cycle 

the samples were ultra-centrifuged at 42,000 g for 30 minutes at 4 °C. 

The clear supernatant was neutralized to a pH = 7 with saturated potassium carbonate 

solution at – 2 °C. The perchlorate precipitate was ultra-centrifuged at 42,000 g for 30 

minutes at 4 °C. The supernatant was used for measurement of pyruvate intra-cellular 

concentration by the use of LC-MS. Quenching, extraction and calculation of intra-cellular 

pyruvate concentrations was realized as described in Buchholz et al92. 

Intra-cellular pyruvate concentration was measured by the use of LC-MS (HPLC 

Gynkotek Model 480, Germany; MS Thermo Finnigan, Germany). A beta-Nucleodes-OH 

(Marchery-Nagel, Germany) was used and the gradient separation was performed (section 

7.5.3). 

 Intra-cellular concentrations were calculated by multiplying the concentrations 

determined in cell extracts with a dilution factor. The dilution of the sample (Equation 3.1) is 
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a function of intra-cellular volume VI, volume of extraction VE, neutralizing reagents VN, and 

inter-cellular volume in the centrifuged pellets92. 

I

XNEI

V
VVVVDilution +++

=          3.1 

Intra-cellular volume, VI, was calculated approximately as described in Pramanik and 

Keasling109 (Equation 3.2): 

ESXI KVV ⋅⋅= ρ           3.2 

where ρX is cell density, VS sample volume, and KE specific cell volume. 

 

3.4 On-Line Analysis 

3.4.1 pH 

 Gel-pH-electrode (F-615-B130-DH, Broadley James) was used for on-line 

measurement of pH in fermentation processes. The electrode was calibrated before 

sterilization at two points (buffers pH = 4.01 and pH = 7.00, room temperature) and 

afterwards sterilized together with bioreactor. Determine pH value was transferred to process 

control system over the measuring amplifier. An integrated PID-controller connected with 

peristaltic pump was used for control of pH value. 

 

3.4.2 Dissolved Oxygen Concentration 

 pO2 electrode (12 mm OxyProbe, Broadley James) was used for on-line measurement 

of dissolved oxygen concentration (oxygen partial pressure) in the fermentation processes. 

The electrode was calibrated after sterilization at 37° C, 1800 rpm, 0.25 bar overpressure and 

gas-flow rate of 1 dm3 min-1 with nitrogen (0 %) and air (100 %, saturation). Determined pO2 

value was transferred to process control system by the measuring amplifier. 

 

3.4.3 Pressure, Temperature, Aeration 

 Pressure, temperature and aeration were measured by the use of corresponding 

sensors. Calibration of those sensors was not necessary prior to every fermentation. Measured 

values were transferred to process control system over the measuring amplifier. Integrated 

PID-controllers were used for control of those parameters. 
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3.4.4 CO2 and O2 in the Exhaust Gas 

 CO2 and O2 content in exhaust gas were measured by the use of the gas analyzer 

(Binos 100 2M Fisher-Rosemount). CO2 was monitored using an infrared photometer. 

Paramagnetic sensor was used for measurement of O2 in exhaust gas. The pump, which keeps 

the gas-flow constant (1 dm3 min-1), was integrated in the gas analyzer. 

 The gas analyzer was calibrated immediately prior to inoculation. Nitrogen was used 

for calibration of zero point. O2-set point (20.95 %) was calibrated with air. Defined mixture 

of gases (10 % CO2, 15 % O2, 75 % N2) was used for calibration of CO2-set point. 

 

3.4.5 Glucose 

 Three peristaltic pumps (U 501 and U 101, Watson & Marlow) were used to ensure 

continuous sampling of permeate from the bioreactor (Figure 3.3). The first pump was 

integrated in the small by-pass (approximately 20 cm3 internal volume) connected to the 

bioreactor. 

To avoid oxygen limitation, fermentation broth was pumped at a high flow rate 

(approximately 1 dm3 min-1) through a cross-flow hollow-fibre ultra-filtration unit (cut-off 

500 kDa, filtration area 23 cm2, Schleicher & Schuell) installed in the by-pass. Thus, a mean 

by-pass residence time of approximately 2 s was achieved. 
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Figure 3.3 Scheme of the set-up used for continuous sampling of permeate from the 

bioreactor 

 

The first pump was integrated in the small by-pass (approximately 20 cm3 internal 

volume) connected to the bioreactor. To avoid oxygen limitation, fermentation broth was 

pumped at a high flow rate (approximately 1 dm3 min-1) through a cross-flow hollow-fibre 



3. Materials and Methods 33

ultrafiltration unit (cut-off 500 kDa, filtration area 23 cm2, Schleicher & Schuell) installed in 

the by-pass. Thus, a mean by-pass residence time of approximately 2 s was achieved. 

 1 – 2 cm3 min-1 cell free permeate was supplied and pumped by the second pump into 

a flask for pressure compensation while passing through the manifold of the on-line glucose 

measuring system. With the third pump, unused permeate was pumped back from the flask for 

pressure compensation into the bioreactor. The whole sampling system was sterilized with 1 

mol dm-3 NaOH at room temperature for 3 hours. A picture of the set-up used for continuous 

sampling of permeate from the bioreactor is shown in Figure 3.3. 

 

 
 

Figure 3.4 Picture of the set-up used for continuous sampling of permeate from the 

bioreactor 

 

The On-Line General Analyzer (OLGA GL2b, IBA GmbH) based on SIA (sequential 

injection analysis) technique was used for on-line measurement of glucose93. Glucose samples 

were automatically taken with the help of predescribed system. Every 120 s 10 mm3 sample 

was taken from cell free permeate stream and analyzed for glucose concentration. 

Before each fermentation new biosensor strip (SensLab2) was inserted in the 

measuring cell of device. The enzyme glucose oxidase, which is immobilized on the 

biosensor strip, oxidizes glucose in the presence of oxygen to equimolar amount of 

gluconolactone and hydrogen peroxide. On such a way formed hydrogen peroxide was 

measured by amperometric detection. Measured values (electric current) were transferred to 
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process control system over the measuring amplifier. OLGA WindowsTM software was used 

for evaluation, re-calculation and acquisition of measured values. Two points calibration were 

performed automatically in 60 – 90 minutes intervals with 2 g dm-3 and 10 g dm-3 glucose 

standard solution (dissolved in OLGA buffer). OLGA buffer (section 3.2.9) was used as well 

for different rinse and dilution steps, which were automatically taken by the device. 

 The liquid handling system of OLGA is shown in Figure 3.5. Dead time of complete 

system from sampling to calculation of unknown concentration was approximately 2 minutes. 

 

 
 

Figure 3.5 The liquid handling system of OLGA GL2b. 1 - measuring cell; 2 - micro 

dosing pump; 3 - peristaltic pump; 4 – 12 valves; 13 - manifold; 14 and 15 - 

control lights; 16 - tube guide for waste; 17 - tube guide for running buffer; 18 

- isopropyl 

 

Glucose concentration was controlled in most fermentation at 5 g dm-3. For this 

glucose concentration level following OLGA parameters were used: 

 

Measuring area:  1 – 30 mmol dm-3 

Calibration solution 1: 2 g dm-3 

Calibration solution 2: 10 g dm-3 

General:   injection per sample:  1 

    injection per standard: 2 

    analysis and calculation: height of peak 

    cycles before re-calibration: 30 
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    cycles before isopropyl: 60 

Standard injection cycle: rinsing:   20 s 25 mm3 s-1 

    injection:   2 s 10 mm3 s-1 

    rinsing of the measuring cell: 10 s 30 mm3 s-1 

    injection break:  3 s 3 mm3 s-1 

    measuring cycle break: 3 s 3 mm3 s-1 

    rinsing with isopropyl: 5 s 25 mm3 s-1 

    rinsing:   60 s 25 mm3 s-1 

Bioreactor:   inlet:    10 s 25 mm3 s-1 

    rinsing:   15 s 25 mm3 s-1 

Calibration:   inlet:    5 s 15 mm3 s-1 

    rinsing:   8 s 20 mm3 s-1 

 

3.5 Cultivation 

 All experiments were carried out in a 7.5 dm3 bioreactor (INFORS, Switzerland) 

containing 2.25 dm3 starting medium (section 3.2.3), which was equipped with standard 

control units for pH, pressure, temperature, aeration, stirrer speed etc. 

After sterilization of the bioreactor and peripheral equipment, fermentation medium 

was filled into the bioreactor through a sterile microfiltration-unit (0.2 µm cut-off, Sartobran, 

Sartorius) and pH was adjusted to 7.0 by 25 % ammonia titration, also during the latter 

fermentation process.All experiments were carried out at the temperature of 37 °C. Sufficient 

aeration (pO2 ≥ 40 %) was obtained by vigorous stirring (200 – 1800 rpm), air-flow rate (1 – 

10 dm3 min-1) and reactor overpressure (0.2 – 0.8 bar).The outlet gas stream was condensed 

by a reflux cooler. The condensate was returned to the medium. Exhaust gases were analyzed 

by the gas analyzer (Binos 100 2 M, Rosemont). The bioreactor was inoculated with 10 % of 

the working volume of a preculture. 

 

3.5.1 Fed-Batch Process 

A schematic diagram of the fermentation set-up is shown in Figure 3.6. Glucose 

feeding was started when the concentration was about 5 g dm-3. This level was controlled 

until the end of the fermentation by help of automated glucose feed adjustment (section 3.7.1) 

which was realized using a Kalman filter combined with a minimal covariance controller 

(MV3), both implemented in MEDUSA, a process control software. 
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Figure 3.6 Schematic diagram of the experimental and controller set-up used for fed-batch 

fermentation;  mass flow; ----- signal flow 

 

An acetate feed, according to a developed feeding strategy (section 3.7.2), was started, 

after the depletion of the initial batch amount, which was indicated on-line by decreasing 

carbon dioxide emission rates. The acetate feed was stopped after biomass concentration kept 

constant for 3 hours time interval. The fermentation was stopped after 35 hours. Picture of the 

fermentation set-up is shown in the Figure 3.7. 20 cm3 samples from bioreactor were taken in 

a predetermined schedule (1 – 2 h intervals) for analysis of organic acids, amino acids, OD, 

biomass dry weight, pH, glucose and intracellular pyruvate concentration (in fully integrated 

approach, see section 3.5.4). 
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Figure 3.7 Picture of the fermentation set-up used in the fed-batch fermentation process 

 

3.5.2 Repetitive Fed-Batch Process 

 Process was started and carried out as fed-batch process. After biomass concentration 

was constant for 3 hours time interval acetate feed was stopped and fermentation medium was 

pumped through by-pass consisted of a cros-flow hollow-fibre ultrafiltration module (area 

0.98 m2, cut-off 500 kDa, Schleicher & Schuell) and a peristaltic pump (621 F/L, Watson-

Marlow). 

 Before making use of the by-pass unit it was sterilized with 1 M NaOH for three 

hours. Biomass was retained in the system (bioreactor-diafiltration unit) and cell free 

permeate was pumped out. When 60 % of fermentation medium was pumped out of the 

system, in the form of permeate, equal volume of fresh fermentation medium (section 3.2.3) 

was added in the bioreactor through diafiltration unit to prevent disposal of the fermentation 

broth in the by-pass. 
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Figure 3.8 Schematic diagram of the experimental and controller set-up used for repetitive 

fed-batch process;  mass flow; ----- signal flow 

 

 Glucose concentration level was controlled between 1 – 5 g dm-3 by the use of 

described system (section 3.7.1). New cycle biomass retention-medium dilution was started 

after calculated glucose feed rate was lower than 10 g h-1. A schematic diagram of the 

experimental and controller set-up used for repetitive fed-batch process is shown in Figure 

3.8. 

 20 cm3 samples from bioreactor were taken in a predetermined schedule (1 – 2 h 

intervals) for analysis of organic acids, amino acids, OD, biomass dry weight, pH and 

glucose. 2 cm3 of cell free permeate from diafiltration were taken at the start and at the end of 

the cycle for analysis of organic acids, amino acids and glucose. 
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3.5.3 Continuous Process with Cell Retention 

Process was started and carried out as fed-batch process. When the maximal optical 

density in fed-batch fermentation was achieved, acetate feed was stopped and continuous 

process with cell retention was started as follows. 

Biomass was retained in the system: bioreactor-diafiltration unit. Permeate generated 

in the ultrafiltration unit was transported to the CFB tank by the peristaltic pump with a 

constant flow rate of 0.35. By-pass construction was the same as in repetitive fed-batch 

experiment. For permeate generation a cross-flow hollow-fibre module of 0.15 m2 filtration 

area and a cut-off of 500 kDa (Schleicher & Schuell) was used. 

All processes were carried out with a dilution rate of approximately 0.1 h-1. Glucose 

flow was kept constant in the range of 60-80 cm3 h-1 depending on acetate concentration in 

the fresh feed medium. Fresh medium was fed in the bioreactor at a constant flow rate of 0.27 

– 0.29 dm3 h-1. 

20 cm3 samples from bioreactor were taken in a predetermined schedule (1 – 2 h 

intervals) for analysis of organic acids, amino acids, OD, biomass dry weight, pH and 

glucose. 2 cm3 of cell free permeate from diafiltration were taken at the start and at the end of 

the cycle for analysis of organic acids, amino acids and glucose. 

 

3.5.4 Fully Integrated Continuous Process 
Process consists of four main steps: (a) continuous fermentation with cell recycle by ultrafiltration (see 

section 3.5.3); (b) protein separation by nanofiltration; (c) product recovery by electrodialysis (see section 3.6.2) 

and (d) sterilization of depleted fermentation broth by microfiltration. Schematic diagram of the experimental 

set-up used for fully integrated continuous process is shown in the Figure 3.9. 

Four peristaltic pumps (U 501 and U 504, Watson & Marlow) were used to ensure 

continuous generation of cell and protein free fermentation broth (CPFB) required for 

electrodialysis. Scheme of the set-up used for continuous generation of CPFB permeate is 

shown in the Figure 3.10. 
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Figure 3.9 Schematic diagram of the experimental set-up used for fully integrated 

continuous process 
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Figure 3.10 Scheme of the set-up used for continuous generation of CPFB permeate 

 

Cell free fermentation broth (CFB) generated in ultrafiltration unit (see section 3.5.3) 

was transported to the CFB tank by the first peristaltic pump with a pump rate of 0.4 dm3 h-

1.The second pump was integrated in the by-pass connected to the CFB tank. CFB broth was 

pumped at a high flow rate (approximately 2 dm3 min-1) through planar module (ULTRAN, 

Schleicher & Schuell, Germany) consist of four cassettes with pore size of 10 kDa installed in 

the by-pass. 2 – 3 dm3 h-1 CPFB permeate was generated in the nanofiltration unit and 

collected in the CPFB tank. 0.4 dm3 h-1 of CPFB permeate was pumped into the feed tank of 

the ED unit by the third pump. With the fourth pump, unused CPFB permeate was pumped 

back from the CPFB tank into the CFB tank. Picture of the ultra- and nano-filtration set-up 

used in the fully integrated continuous process is shown in the Figure 3.11. 

ED was carried out as is described in section 3.6.2. The power supply was set at a 

constant current. During the first hour I was set at 5 A, and in the remaining part of the 

process to 2 A, respectively. Depleted CPFB broth was pumped back from the feed tank of 

the ED unit into the bioreactor through a sterile microfiltration-unit (0.2 µm cut-off, 

Sartobran, Satorius) with a flow rate of 0.32 dm3 h-1 to prevent possible contamination of the 

bioreactor. NH4OH produced in the electrodialysis was pumped from the base tank into the 

bioreactor at constant flow of 0.01 dm3 h-1. 

Process was started and carried out as continuous process with cell retention. When 4 

dm3 of CPFB were generated fully integrated continuous process was started and carried out 

as it was previously described. 
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Figure 3.11 Picture of the ultra- and nano-filtration set-up 

 

 20 cm3 samples from bioreactor were taken in a predetermined schedule (1 – 2 h 

intervals) for analysis of organic acids, amino acids, OD, biomass dry weight, pH and 

glucose. 2 cm3 of cell free permeate generated in the ultrafiltration unit were taken for 

analysis of organic acids, amino acids and glucose. Attthe same time point 2 cm3 of sample 

was taken from the feed, the acid and the base tank of the ED unit for analysis of organic 

acids, amino acids, pH, glucose and inorganic materials. 

 

3.6 Electrodialysis 

3.6.1 Stack Configuration 

 One-stage experiments were performed using three compartments ED stack with the 

principle being represented in the Figure 3.12. The three compartments ED stack consisted of 

anion-exchange (A), cation-exchange (C), and bipolar (aBc) membranes to allow three 

streams to flow, i.e. acid, base, and feed streams. The electrodes were kept from directly 

contacting the base solution by a cation-exchange membrane. 

Pyruvate ions and sodium ions in the feed compartment simultaneously moved into the 

acid and the base compartment through anion- and cation-exchange membranes, respectively, 

during ED operation. Free pyruvic acid was formed by combination of pyruvate ions and 

hydrogen ions generated on the cation-exchange layer of the bi-polar membrane. Sodium 
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hydroxide was simultaneously generated by the combination of sodium ions and hydroxyl 

ions formed on the anion-exchange side of the bi-polar membrane. 
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Figure 3.12 Principle of three compartment electrodialysis 

 

The electrolyte solution was circulated continuously to transfer the electric current and 

to remove gases (O2 and H2) produced by the electrode reaction during the operation of the 

ED. 

 

3.6.2 ED Operations 

The experimental equipment for ED used three-compartment electrodialysis (WSED) 

unit (Goema, Figure 3.12) with a membrane stack having four cells pairs. The three-

compartment ED stack consisted of anion-exchange, cation-exchange and bi-polar membrane 

produced by Tokuyama Co. The effective area of membranes was 0.56 m2. Picture of 

experimental set-up is shown in Figure 3.13. 

Electric power was supplied to the ED stack by a power unit (NGRE 100/10, Rohde & 

Schwarz). The power supply was set at a constant current in the range of 2 - 10 A. ED could 

not be operated with higher current due to the low mechanical strength of membranes in 

adjacent strong basic solution throughout several experiments. All experiments were started in 

a constant current mode and switched to a constant voltage mode when the stack voltage 

exceeded the maximum voltage of the membranes and power supply (40 V) because of the 

high ohmic resistance of very dilute pyruvate solution. 
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Figure 3.13 Picture of the electrodialysis unit 

 

The ED configuration was composed of four solution tanks holding the acid, the base, 

the feed and the electrode rinse solution. The initial concentration of pyruvate in the model 

solution was 40 g dm-3, and in the fermentation broth varied between 35 – 60 g dm-3. 0.5 mol 

dm-3 Na2SO4 was used as the electrode rinse solution in all experiments. Initially the acid and 

the base compartments were filled with demineralized water. All streams were circulated 

through the acid, the base, the feed and the electrode rinse solution compartment, 

respectively, and then recycled to the reservoir for 5 minutes before electric power was 

supplied to the ED stack. Solutions were circulated in the system by the use of centrifugal 

pumps (Iwaki Co.) with a flow rate of approximately 1 dm3 h-1. 

The voltage drop in the system was measured by voltmeter. The pH and conductivity 

(LF537, WTW) of the acid, the base and the feed solutions were measured using pH meters 

(632, Methrom) and conductivity meters, respectively. From each compartment, 2 cm3 

samples were taken in a predetermined schedule for analysis of pyruvic acid, pH, glucose (in 

ED experiments with fermentation broth) and inorganic materials (in fully integrated 

approach). 
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 Before the start of an experiment a standardized cleaning-in-place procedure was 

performed using water (10 min), 1% (w/w) NaOH and 1% (w/w) NaCl (30 min), water (10 

min) two fold, 1 % (w/w) HCl (30 min) and water (10 min) two fold. 

3.7 Data Acquisition and Process Control 
Control of process parameters was performed with devices developed by Infors. For total process 

control, altogether three PCs were used. One PC for OLGA control and acquisition of on-line measured glucose 

concentrations (PC-1), another for LabView (National Instruments process control software, USA) based total 

process data management (PC-2) and a third PC with MEDUSA software for the control of glucose and acetate 

supply (PC-3). 

 

3.7.1 Closed-Loop Glucose Control System94,110,112 

 For the control of the glucose in the fed-batch process a control strategy was developed and 

implemented on a process computer (PC-3) to overcome the problems: non-linearity of the control system, noisy 

and time delayed (and often discrete-time) measurement outputs. The principle scheme of the approach is shown 

in Figure 3.14. The model based adaptive control strategy with on-line bioreactor identification was used. 
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Figure 3.14 Principle scheme for glucose control in the fed-batch process based on adaptive 

control system 
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The commonly used feedback control system (measurement output = tracking output) is coupled with 

process identification to get real time and smoothed state variables. These discrete-time estimated state variables 

are used to determine the parameters of a suitable controller. Thus controller can be adapted to a changing 

dynamic behavior of the bioprocess. 

 A minimum variance controller, MV3101, proved to be suitable for substrate (glucose) 

control of fermentation processes: minimum variance controllers try to minimize a function 

F(t+1) which is given by the sum of the square of the tracking output difference from the 

reference input (cG,∞ - cG) at the discrete time t + 1, , and the square of the control input 

difference from the operating point 

2
1+ts

( )G,V,G,V qq −∞  at the discrete time t, v (Equation 3.3): 2
t&

( ) ( ) ( ){ }22
11 t,Vtt qusF ⋅+= ++          3.3 

The variable u is used as a weighting factor for control input difference. The tracking 

output difference s(t+1), is single mass balance for the substrate (Equation 2.18). That means 

the minimum variance controller needs not only real time estimated glucose concentration, 

, but also an estimation of the real time volumetric glucose consumption rate, QGĉ S
ˆ  

(Equation 3.4): 

XSS crQ̂ ⋅=            3.4 

 For real time estimation of these state variables a semi continuous extended Kalman 

filter was used95-100. The extended Kalman filter minimizes the variance of the estimation 

error of the state variables at the discrete time t when a time delayed measurement output is 

received. Real time estimation of the glucose concentration and the volumetric glucose 

consumption is then possible by solving the differential equations of state (Equations 3.5 – 

3.7) and the measurement equation (Equation 3.8) up to real time: 
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V
qb

dt
db

3+⋅=           3.7 

The added state variable, b, is the time dependent change in volumetric glucose consumption, 

g1,(t), g2,(t) and g3,(t) are random disturbances, qV is volumetric flow rate, and VR is reaction 

(medium) volume. Equation 3.5 allows the description of exponential glucose consumption in 

a fed-batch operated bioreactor. Measurement equation using M(t) as random error: 
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(tGms,G Mcc += )           3.8 

The real time estimated glucose concentration and volumetric glucose consumption are used 

for parameter adaptation of the minimum variance controller (Figure 3.14). For the regulation 

of glucose concentration in the fed-batch experiments following parameter values were used: 

g1 [g dm-3 h-1]: 0.5 absolute, 10 % relative 

g2 [g dm-3 h-1]: 0.5 absolute, 10 % relative 

g3 [g dm-3 h-1]: 0.5 absolute, 10 % relative 

u [-]:   13 

∞,Gc  [g dm-3]:  5 

∞,Vq  [dm3 h-1]: average value of ten last pump rates 

 

3.7.2 Open-Loop Acetate Control System55 

 The open-loop acetate control system was based on the correlation between volume-

specific CO2 transfer rate (CTR [mmol dm-3 h-1]) and acetate consumption rate (ACR [mmol 

dm-3 h-1]). CTR was calculated on-line using exhaust gas analysis data (for CO2 and O2), 

which were referred to the current reactor content (estimated by weight measurement) and 

which considered the actual airflow rate. 
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Figure 3.15 Correlation between ACR (○) and CTR (■) 
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According to a heuristic approach, the acetate feed was calculated depending on the 

estimated CTR using a feed solution (109 g dm-3 potassium acetate), which was fed into the 

bioreactor by a feeding system (YFC 01Z, Sartorius AG). As an outcome of experimental 

studies, a “simple” correlation between ACR and CTR was found (Figure 3.15, Equation 3.9). 

ACR = CTR           3.9 

An optimum equal molar ratio was identified. Based on this correlation, the following feeding 

profile was empirically formulated (Equation 3.10): 

fc
VCTRMq

A

R
M ⋅

⋅⋅⋅
=

ρ           3.10 

where qM [g h-1] is acetate flow rate, M [g mol-1] is molecular weight of potassium acetate, ρ 

[g dm-3] is density of potassium acetate feed solution (approximately 1000 g dm-3), cA [g dm-3] 

is concentration of potassium acetate in the feed solution and VR [dm3] is fermentation broth 

volume. 
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Figure 3.16 Comparison between ACR calculated on-line () and ACR calculated off-

line (○) for saturated concentration of acetate (f = 1) 

 

This correlation was used to carry out a process under acetate limitation, saturation 

and accumulation by changing just parameter f. If parameter f was lower than 1, acetate was 

fed in an accumulation manner. If parameter f was equal to 1, acetate was fed in a saturation 
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manner, and if parameter f was higher than 1, acetate was fed in a limitation manner. A 

comparison of ACR calculated on-line (Equation 3.9) and ACR calculated off-line (on the 

basis of HPLC results for acetate concentrations and amount of acetate fed in bioreactor) for 

acetate saturating conditions (f = 1) is shown in Figure 3.16. 

 

3.8 Unstructured Model for the Bioconversion of Glucose to Pyruvate 

3.8.1 Model Theory 

 The mathematical models were derived based on the following assumptions: 

a) Glucose and acetate were only limiting substrates, all other nutrients like nitrogen, 

phosphate, and growth factors are in excess supply; 

b) There was no oxygen effect on biomass growth and bioconversion of glucose to 

pyruvate; 

c) Glucose and acetate were utilized simultaneously for biomass growth; 

d) Product formation was non-associated to the microbial growth 

e) Bioconversion of glucose to pyruvate was an overall one step enzymatic reaction; 

f) Pyruvate production was inhibited by high pyruvate concentrations. 

 

3.8.2 Kinetic Equations 

 Three different models were developed. The mathematical descriptions of biomass 

growth, substrate consumption, and product formation, for the bioconversion of glucose to 

pyruvate by E. coli YYC202 ldhA::Kan strain, were taken into account. In Model 1 biomass 

formation was described as simplified modification of cybernetic model114-117,125,126. Multiple 

substrate Monod kinetics was used for description of biomass growth in Model 274,118,119. In 

both models, Model 1 and Model 2, pyruvate formation was presented with modified 

Michaelis-Menten equation for noncompetitive inhibition with product120. In Model 3 

biomass growth was described with multiple substrate Monod kinetics. In this model pyruvate 

formation was presented by simple Michaelis-Menten enzyme kinetic121. Yield coefficient 

pyruvate/glucose in Model 3 was assumed to be time dependent and function of pyruvate 

concentration. 

 

3.8.2.1 Simplified Cybernetic Model – Model 1 

 The total rate of biomass production was assumed to be the sum (Equation 3.13) of 

contributions of individual substrates, glucose (Equation 3.11) and acetate (Equation 3.12): 
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The biomass dependent substrate consumption rates are expressed in Equations 3.14 and 3.15. 
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Modified Michaelis-Menten equation for noncompetitive inhibition with product120 can be 

expressed as 
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where cP,MAX is critical pyruvate concentration above which reaction stops. The specific 

substrate consumption rates (rG and rA) includes a growth linked parts (µ/YX/G,MAX and 

µ/YX/A,MAX) and a non-growing linked parts (mG and mA), which takes into account the 

maintenance energy demand74,121,122. As the result of maintenance metabolism the apparent 

values for the yield coefficients (YX/G, YX/A) are lower than the maximum theoretical values 

(YX/G,MAX, YX/A,MAX). 

 Four different sub-models, namely 1a (Equations 3.17 and 3.18), 1b (Equations 3.19 

and 3.20), 1c (Equations 3.21 and 3.22), and 1 d (Equations 3.23 and 3.24), were developed, 

assuming dependency and independency of yield coefficients on biomass growth and 

maintenance energy demand. 
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Model 1b: 

.           3.19 constY G/X =
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Model 1c: 
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Model 1d: 

.           3.23 constY G/X =

.constY A/X =            3.24 

 

3.8.2.2 Multiple-substrate Monod Kinetics – Model 2 

 The multiple substrate Monod kinetic119,123 (multiplicative Monod Kinetic) is 

frequently used to describe the effects of dual limitation on cell growth. The multiple 

substrate Monod kinetic assumes that, if two essential substrates are present at sub-saturating 

concentrations, both directly limit the overall growth rate (µMAX), and the limitation effects are 

multiplicative (Equation 3.25). 
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In this approach pyruvate formation is equal to that one used in Model 1. Additionally, four 

different sub-models, namely 2a (Equations 3.29 and 3.230), 1b (Equations 3.31 and 3.32), 1c 

(Equations 3.33 and 3.34), and 1 d (Equations 3.35 and 3.36), are developed, assuming 

dependency and independency of yield coefficients on biomass growth and maintenance 

energy demand. 
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Model 2b: 
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Model 2d: 

.           3.35 constY G/X =

.constY A/X =            3.36 

 

3.8.2.3 Multiple-substrate Monod Kinetics with Variable YP/G – Model 3 

 Basically, Model 3 (Equations 3.37 – 3.43) is Model 2b, simplified in bioconversion 

part. Simple Michaelis-Menten kinetics (Equation 3.40) was used in this model approach. 

Yield coefficient YP/G was assumed to be function of pyruvate extra cellular concentration and 

time dependent. 
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with 
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3.8.3 Mass Balances 

 The mathematical model (Equations 3.44 – 3.48) based on the mass balance of the 

components in a fed-batch reactor is represented by the following differential equations: 
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where V is the reactor volume, qV is overall volumetric flow rate in the time t, qV,G and qV,A are 

volumetric flow rates of substrates (glucose and acetate) in the time t, and cG,0 and cA,0 are 

glucose and acetate concentration in the feed. 

 The fed-batch reactor experiments (see section 3.6.1) were performed under different 

conditions, concerning glucose-feeding profile (it was kept constant during experiment at 

three different levels: 10 g h-1, 20 g h-1 and 30 g h-1), to generate experimental data for 

parameter estimation of assumed models. Acetate was fed according to developed acetate 

control system under acetate saturating conditions (see section 3.7.2). 

 

3.9 Mathematical Model of the Electrodialysis Process 

 A simple mathematical model representing the ion and water transport behavior of the 

electrodialysis process to concentrate pyruvic acid under the influence of different current 

(current density) was developed. It was assumed that the amount of the water transferred from 

the feed compartment (FC) to acid compartment (AC) is directly proportional to the current 
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density applied. The water transport trend form the FC to the AC is expressed in the form of 

Equation 3.49: 

ACAC
t

AC VVV ∆+= 0           3.49 

where V  is the volume of AC at time t, V  the initial volume of AC and t
A

0
A AV∆  the volume of 

water being transported from the FC to AC. The term AV∆  could be replaced by the term 

( t⋅+ )i⋅βα  represents the amount of the water being transferred from the FC to the AC 

(Equation 3.50). Both α and β terms are called phenomenological coefficients88, and i is 

current density (Equation 2.31). 

( tiVV AC
t
AC ⋅⋅++= βα0 )          3.50 

 The rate of ion transport was determined by evaluating the pyruvate concentration in 

the AC at any time t (Equation 3.51)88. 
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where A and B are ion transport rate constants,  is initial pyruvate concentration in the FC, 

I is current,  is initial pyruvate concentration in the AC, V  is the initial volume of the 

AC, and F is Faraday constant. Equation 3.51 is derived from the different equations for 

calculation of current efficiency (Equations 3.52 and 3.53)
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3.10 Data Handling 

 The model parameters were estimated by the non-linear regression analysis. The 

associated model parameters have been identified by the non-linear optimization using the 

Nelder-Mead method111. The numerical value of the parameters were evaluated by fitting the 

model to the experimental data with "Scientist"124 computer programme which performed the 

non-linear regression analysis. The model equations were solved numerically by the fourth 

order Runge-Kutta algorithm. The set of optimum parameters was used for the simulation. 

The simulation data were compared with the obtained experimental data. The "Episode" 

algorithm for stiff system of differential equations, implemented in the "Scientist" software 

package, was used for the simulations. 
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4. RESULTS AND DISCUSSION 

 

4.1 Preliminary Investigations 

 

4.1.1 Shake Flasks Experiments 

 Shake flask experiments were performed in order to collect preliminary knowledge 

about pyruvate production process from glucose by Escherichia coli YYC202 strain. Because 

of the strain genotype (see section 3.1) glucose and acetate consumption were assumed to be 

key process parameters. Three process conditions, concerning starting concentrations of 

glucose and acetate were analyzed, (1) "low" glucose and acetate concentration (cG = 4 mmol 

dm-3, cAc = 2 mmol dm-3); (2) "high" glucose concentration and "low" acetate concentration 

(cG = 20 mmol dm-3, cAc = 2 mmol dm-3); and (3) "high" glucose concentration and "high" 

acetate concentration (cG = 20 mmol dm-3, cAc = 20 mmol dm-3). 
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Figure 4.1 Effect of glucose and acetate starting concentrations on biomass growth (OD) 

in shake flask experiments using Escherichia coli YYC202. (1) - ▲; (2) - ■; 

(3) - ● 

 

 Significant inhibiting effect on the biomass growth (Figure 4.1, Table 4.1) and on the 

glucose consumption (Figure 4.2) was observed in the experiment at the higher acetate 

starting concentration (process conditions (3)). These results were compared with the 

experiments at lower acetate starting concentration (process conditions (1) and (2)). Such 
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result was expected because of known acetate inhibiting effect on other E. coli strains104. in 

No negative effect of glucose on biomass growth rate (Figure 4.1, Table 4.1) was observed at 

the investigated range of glucose starting concentrations (2 – 20 mmol dm-3). 
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Figure 4.2 Effect of glucose and acetate starting concentrations on glucose concentration 

(cG) profiles in shake flask experiments using Escherichia coli YYC202. (1) - 

▲; (2) - ■; (3) - ● 

 

Table 4.1 Effect of glucose and acetate starting concentrations on µMAX, YP/G, STY and 

final cP for acetate controlled fed-batch fermentations using Escherichia coli 

YYC202 ldhA::Kan strain. 

 (1) (2) (3) 

µMAX [h-1] 0.35 0.35 0.22 

YP/G [mol mol-1] 1.75 1.85 1.86 

STY [g dm-3 d-1] 1.8 2.8 3.0 

 

 Additionally, molar yield pyruvate/glucose (YP/G) achieved in performed experiments 

(Table 4.1) is closed to the maximum theoretical yield of glucose-based pyruvate production 

(2 mol pyruvate/mol glucose). Low space-time yield (STY) obtained (Table 4.1) in the shake 

flask experiments was expected because of low biomass concentration achieved at low 

starting concentration of substrates. In the shake flasks experiment pH was not 
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controlled. Hence pH decreases significantly during the experiments. Final pH approximately 

5 was achieved at all process conditions. This value is outside of optimal range for biomass 

growth and pyruvate production (pH ≈ 7.0)53. Furthermore, there was no oxygen supply 

(strain is aerobe) and experiments were performed on complex medium. 

 

4.1.2 Batch Experiment with Acetate Pulses 

 To eliminate negative influence of low pH on process, and to ensure oxygen supply in 

the experiment, cultivation was performed in the bioreactor, equipped with standard control 

units of pH, pressure, temperature, aeration, stirrer speed (see section 3.5). Limitation by high 

acetate concentration in the medium was avoided by performing the experiment at low acetate 

concentration. Every time when the acetate was consumed, indicating an increase of dissolved 

oxygen concentration level (pO2), new fresh acetate was added (5 mmol dm-3) in the 

bioreactor (Figure 4.3). Experiment was realized as a batch process concerning glucose. 
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Figure 4.3 Influence of acetate pulses on biomass growth, glucose consumption and 

pyruvate production in batch process using E. coli YYC202 strain. Biomass - 

●; glucose - ◊; acetate - ○; pyruvate - ■ 

 

 As was expected, final biomass and final pyruvate concentration were higher than in 

the shake flasks experiment, because of higher starting glucose concentration. Integral STY of 

14.95 g dm-3 d-1 obtained in the batch experiment with acetate pulses was 5 fold higher than 
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the best one achieved in the shake flasks experiment. Contrary, integral YP/G was significantly 

higher in the shake flasks experiments (Table 4.1) than in the experiment with acetate pulses 

(YP/G = 1.49 mol mol-1). Probably because the larger part of glucose flux was used for biomass 

growth. 

 Integral YP/G achieved in the batch experiment with acetate pulses was close to the best 

one published so far (1.6 mol mol-1)106. However, integral STY and final cP of this process 

were very low (14.95 g dm-3 h-1; 180 mmol dm-3), which significantly hampers its use for 

scale-up purposes. 

 

4.1.3 Fed-batch Experiment 

 Average acetate consumption rate was calculated  to be 1.6 mmol dm-3 h-1 from batch 

experiment with acetate pulses. Fed-batch experimental set-up was developed and acetate was 

fed into bioreactor with constant rate calculated from previously identified average acetate 

consumption rate. Starting glucose concentration was equal as in the batch experiment at 

acetate pulses, and glucose was not fed into bioreactor. Experimental results are summarized 

in the Figure 4.4. 
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Figure 4.4 Influence of acetate feed rate on biomass growth, glucose consumption and 

pyruvate production in fed-batch process using E. coli YYC202 strain. 

Biomass - ●; glucose - ◊; acetate - ○; pyruvate - ■ 

 

 Integral STY in the fed-batch experiment was improved 25 % up to 19.17 g dm-3 d-1 

comparing it with integral STY achieved in the batch experiment with acetate pulses. 
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Unfortunately final cP (154 mmol dm-3) and integral YP/G (1.28 mol mol-1) were lower than in 

the batch experiment with acetate pulses. 

 The correlation between acetate consumption rate (ACR) and CO2 transfer rate (CTR) 

was founded and open loop acetate control system based on on-line measurement of O2 and 

CO2 amount in exhaust gases was established (see section 3.7.2). This control system was 

used in the acetate controlled (designed for optimization of model parameters and validation 

of models) and controlled fed-batch processes. 

 

4.2 Controlled Fed-batch Process 

Fermentations were realized as a two-stage fed-batch process. During the first phase 

(cell growth and early pyruvate production stage) glucose and acetate were fed according to 

the process control developed (see sections 3.7.1 and 3.7.2). After biomass concentration 

remained constant for 3 hours, the second phase (high-selectively pyruvate production stage) 

was started by stopping the acetate feed so that only glucose was fed to the culture. 

 

4.2.1 Fed-batch Fermentation of E. coli YYC202 

A fed-batch fermentation set-up was used to study the effects of different acetate 

feeding strategies (limitation f = 1.5, saturation f = 1, and accumulation f = 0.8) on molar 

pyruvate/glucose (YP/G) yield, integral space-time yield (STY) and final pyruvate titer cP
55. 

Acetate influence was investigated at constant glucose concentration of 5 ± 1 g dm-3. This 

glucose level was chosen to ensure saturating conditions for glucose uptake (the KS value for 

the glucose-specific phosphoenolpyruvate:carbohydrate phosphotransferase system (PTSG) is 

known to be half-saturated at 3 to 10 µmol dm-3, and that of the mannose-specific (PTSM) at 

1.3 mmol dm-3 102,103). Figures 4.5 and 4.6 indicate that the limiting acetate supply caused 

lower maximal biomass and pyruvate titers compared to saturating or accumulating acetate 

feeding strategies. 

This result can be explained by the strain’s acetate auxotrophy demanding a sufficient 

external acetate supply for cell growth and maintenance, which obviously was not achieved 

using the acetate-limiting feeding procedure (f = 1.5). As a consequence, lower YP/G and STY 

were observed in the experiment (Table 4.2). 
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Figure 4.5 Effect of acetate feeding strategies on biomass concentration in fed-batch 

process using Escherichia coli YYC202 strain; acetate limitation (f = 1.5) - ■; 

acetate saturation (f = 1.0) - ●; acetate accumulation (f = 0.8) - ▲ 
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Figure 4.6 Effect of acetate feeding strategies on pyruvate concentration (cP) in fed-batch 

process using Escherichia coli YYC202 strain; acetate limitation (f = 1.5) - ■; 

acetate saturation (f = 1.0) - ●; acetate accumulation (f = 0.8) - ▲. Lactate 

concentration (cL) in experiment with acetate accumulation - ∆ 
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Table 4.2 Influence of different acetate feeding strategies on YP/G, STY and final cP for 

fed-batch fermentations using Escherichia coli YYC202 strain. 
  *Calculated for 24 h of process time (normal fermentation time 35 h) 

 f = 1.5 f = 1.0* f = 0.8 

YP/G [mol mol-1] 0.34 0.86 0.80 

STY [g dm-3 d-1] 12.3 46.5 30.0 

cP [mmol dm-3] ([g dm-3]) 209 (18.4) 521 (45.8) 500 (44.0) 

 

Acetate maintenance demands as well as additional carbon and energy requirements 

for cell growth strongly decrease the maximal achievable pyruvate/glucose yields. On the 

other hand, no negative effect of acetate accumulation on pyruvate production and biomass 

growth was observed. This seems to be in contrast to preliminary investigations in the shake 

flask experiments and previously published results focusing on other E. coli strains, where 

inhibiting acetate concentrations were identified at about 5 to 10 g dm-3 104. In the case of E. 

coli YYC202 acetate concentrations even higher than 20 g dm-3 were still tolerated. Maximal 

cP was limited to concentrations of about 500 ± 20 mmol dm-3, irrespective of whether 

saturating or accumulating acetate feeds were used. At optimal process conditions 

(accumulated concentration of acetate) a final cP of about 500 mmol dm-3 (44 g dm-3), YP/G of 

0.80 mol mol-1 and an integral STY of 30 g dm-3 d-1 were obtained. Unfortunately, strong co-

production of lactate (final lactate concentration higher than 300 mmol dm-3 (26 g dm-3)) was 

observed in each experiment. Interestingly, a significant increase of lactate production was 

observed after the final pyruvate concentration reached its maximal value of about 500 mmol 

dm-3. 

Hence, we concluded that co-production of lactate cannot be suppressed by process 

engineering means and that the construction of a new genotype is advantageous. As a 

consequence, a new production strain Escherichia coli YYC202 ldhA::Kan was constructed, 

in which the gene ldhA encoding for lactate dehydrogenase was mutated so the conversion of 

pyruvate to lactate was inactivated54. 

 

4.2.2 Fed-batch Fermentation of E. coli YYC202 ldhA::Kan 

A new series of fed-batch experiments was performed with the new strain using the 

same process control as described above. The effects of different acetate feeding strategies at 
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constant glucose concentration of 5 g dm-3 were analyzed55, 105. As a result, the same acetate 

limiting effect on biomass growth (Figure 4.7) and on pyruvate production (Figure 4.8) was 

observed, but lactate was not produced at all. In analogy to the experimental results using E. 

coli YYC202, acetate limitation subsequently caused lower biomass growth and pyruvate 

production. There was no significant difference between the effect of saturated or 

accumulated concentration of acetate on pyruvate production. 

It should be stressed that the long lag-phase during the acetate accumulating 

experiment was caused by technical pH control problems and is not characteristic of the 

"normal" process. From Figure 4.7 we conclude that the proper selection of factor f of 

Equation 3.10 clearly influences the optimal fermentation performance (see also Table 4.3). 

As a result, a final cP higher than 700 mmol dm-3 (62 g dm-3), YP/G of 1.11 mol mol-1 and an 

integral STY of 42 g dm-3 d-1 were achieved under the best conditions, which means with f set 

at 0.8. 
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Figure 4.7 Effect of acetate feeding strategies on biomass concentration in fed-batch 

process using Escherichia coli YYC202 ldhA::Kan strain; acetate limitation (f 

= 2.0) - ♦; acetate limitation (f = 1.5) - ■; acetate saturation (f = 1.0) - ●; 

acetate accumulation (f = 0.8) - ▲ 

 

Comparing these results with those of E. coli YYC202, a 40 % increase of the final 

pyruvate titer can be stated together with a 39 % increase of integral pyruvate/glucose yield. 

The final titer and (to a certain extent) also the final yield are comparable to the best results of 

Li et al.106 using Torulopsis glabrata. However, it should be noticed that the space-time yield 
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of the E. coli process is much higher. Here 42 g dm-3 d-1 is produced, which is more than 40 

% higher than in the yeast process, which needs 56 h compared to only 30 h using the E. coli 

strain. 
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Figure 4.8 Effect of acetate feeding strategies on pyruvate concentration (cP) in fed-batch 

process using Escherichia coli YYC202 ldhA::Kan strain; acetate limitation (f 

= 2.0) - ♦; acetate limitation (f = 1.5) - ■; acetate saturation (f = 1.0) - ●; 

acetate accumulation (f = 0.8) - ▲ 

 

Table 4.3 Influence of different acetate feeding strategies on YP/G, STY and final cP for 

fed-batch fermentations using Escherichia coli YYC202 ldhA::Kan strain 

 f = 2.0 f = 1.5 f = 1.0 f = 0.8 

YP/G [mol mol-1] 0.42 0.68 0.96 1.11 

STY [g dm-3 d-1] 14.7 24.4 36.0 42.0 

cP [mmol dm-3] ([g dm-3]) 242 (21.3) 406 (35.7) 633 (55.7) 704 (62.0) 

 

However, when pyruvate curves, given in Figure 4.8, are studied the question arises: 

"Why the maximum titer of about 700 mmol dm-3 cannot be increased?". To elucidate the 

problem Figure 4.9 indicates that pyruvate production rates (rP) strongly decrease with 

increasing extracellular pyruvate concentrations. This rate is equal to zero at the end of fed-

batch fermentation (in the last 5 hours of fermentation there was no pyruvate production at 
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all). Hence, we concluded that high extracellular pyruvate titers might have an inhibiting 

effect. 
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Figure 4.9 Effect of pyruvate extra-cellular concentrations (■) on pyruvate 

production rate (●). Results obtained in the experiment with acetate 

accumulation (f = 0.8) for E. coli YYC202 ldhA::Kan strain. 

Specific pyruvate production rate was calculated differentially. 
 

The experiments were performed to test the hypothesis. For instance, cell samples were taken after the 

end of the fed-batch fermentation (at high pyruvate concentrations), washed several times in physiological 

solution (to avoid any inhibiting effect of pyruvate), resuspended in a buffer solution without any nutrient except 

glucose and cultivated on the shaker. The treated biomass was capable of converting glucose into pyruvate 

almost stochiometrically (data not shown), which sustained our hypothesis. 

Additionally, cell samples, taken during lab-scale fed-batch pyruvate production, were used to 

determine their intracellular pyruvate concentrations (Figure 4.10), for which purpose the method and the 

devices described in section 3.3.5 were used92. As shown, intra- and extracelluar pyruvate concentrations were 

compared. The results showed that extra-cellular pyruvate concentrations are about 102-fold higher than the 

intra-cellular counterparts. We can conclude that active pyruvate transport is most likely to export pyruvate into 

the supernatant, contrary to our original assumption of pyruvate transport by diffusion. Additionally, intracellular 

ATP levels were determined (again using the method of Bucholz et al.92), which 
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appeared to be very low (in the range of 0.5 mmol dm-3). This might be an indication of an energy-coupled 

pyruvate export that becomes limited at high external pyruvate concentrations. 
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Figure 4.10 Comparison between intra- (■) and extra-cellular (●) concentration 

of pyruvate (cP) in fed-batch experiment. Results obtained in the 

experiment with acetate accumulation (f = 0.8) for E. coli YYC202 

strain 
 

4.3 Continuous Fermentation with Cell Retention 

Fed-batch experiments55, 105 already indicated that a high pyruvate/glucose yield could 

only be achieved when non-growing cells were used for the biotransformation of glucose. 

Otherwise, glucose together with the auxotrophic substrate acetate is consumed in significant 

amounts for cell growth. These studies lead to the conclusion that the high extra-cellular 

pyruvate titers "somehow" inhibit the microbial product synthesis. Maybe a futile cycling 

takes place but it is not identified until now. 

 Motivated by these findings a continuous fermentation with cell retention was 

investigated that should allow a high-selective pyruvate production with non-growing, 

retained cells in the presence of diluted extra-cellular pyruvate concentrations. As indicated in 

the section 3.6.3 above, a dilution rate of D = 0.1 h-1 was realized after a maximum cell 

density (OD = 30) was achieved at the end of the initial glucose- and acetate-controlled fed-

batch period (about 14 h after inoculation, end of phase I, Figure 4.11). The glucose 
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containing feed of the following period also contained 0, 20 and 40 g dm-3 acetate in a series 

of three subsequent experiments. 
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Figure 4.11 Effect of acetate concentrations (0 g dm-3 - ■; 20 g dm-3 - ▲; 40 g dm-3 - ●) in 

the glucose containing feed on biomass concentration and strain stability in the 

continuous fermentation with cell retention. Phase I – fed-batch period, Phase 

II – continuous period 

 

Surprisingly, we observed that only the acetate-free feed enabled a continuous process 

lasting more than 80 h process time. Relatively high pyruvate concentrations (Figure 4.12) of 

about 600 mmol dm-3 were achieved in all experiments  which caused a significant drop of the 

biomass specific pyruvate production rate (Figure 4.13) from about 6 (at the end of the fed-

batch period) down to 2.0 – 2.5 mmol gCDW
-1 h-1 in the presence of pyruvate titers > 500 mmol 

dm-3 (in the continuous period). 

Thus, maximum space-time-yields of 104 – 117 g dm-3 d-1 were achieved together 

with low pyruvate/glucose yields of 1.10 – 1.24 mol mol-1 (Table 4.4). From these results we 

concluded that an increase of dilution rate would be advantageous to maintain pyruvate 

formation on a high level. However, we qualified the long-term stability of the strain and the 

achievable product/substrate yields as non-sufficient. Hence other process alternatives were 

studied. 
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Figure 4.12 Effect of acetate concentrations (0 g dm-3 - ■; 20 g dm-3 - ▲; 40 g dm-3 - ●) in 

the glucose containing feed on the pyruvate concentrations in the continuous 

fermentation with cell retention. Phase I – fed-batch period, Phase II – 

continuous period 
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Figure 4.13 Effect of acetate concentrations (0 g dm-3 - ■; 20 g dm-3 - ▲; 40 g dm-3 - ●) in 

the glucose containing feed on the biomass specific pyruvate production rate 

(πP)in the continuous fermentation with cell retention. Phase I – fed-batch 

period, Phase II – continuous period. Biomass specific pyruvate production rate 

was calculated differentially. 
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Table 4.4 Effect of acetate concentrations (0 g dm-3 - ■; 20 g dm-3 - ▲; 40 g dm-3 - ●) in 

the glucose containing feed on the YP/G and STY in the continuous period of the 

fermentation with cell retention. 

Acetate concentration YP/G [mol mol-1] STY [g dm-3 d-1] 

0 g dm-3 0.42 0.68 

20 g dm-3 14.7 24.4 

40 g dm-3 242 (21.3) 406 (35.7) 

 

4.4 Repetitive Fed-batch 

Because of the problems observed during the continuous experiments, the repetitive 

fed-batch alternative with cell retention was studied. The following (heuristical) guidelines 

were formulated in order to achieve an optimized process development: 

(i) the process time should not extend the "critical" value of approximately 40 h to 

prevent strain instability, 

(ii) product formation should most presumably occur with non-growing cells to enable 

a highly selective glucose conversion to pyruvate, 

(iii) a series of multiple production cycles should be realized to increase space-time 

yield and to minimize the production period with high extra-cellular pyruvate 

titers. 

As indicated in Figure 4.14, altogether four production cycles (II-V) were realized in a 

repetitive fed-batch experiment with cell retention after the strain was cultivated for biomass 

production in phase I. Figure 4.14 shows the changes in biomass concentration, pyruvate 

concentration and specific pyruvate production rate during the experiment. Furthermore, the 

integral molar yield pyruvate/glucose (YP/G) and integral space-time yield (STY) were 

calculated for each cycle (Table 4.5). 

In general the experiment can be divided in two parts. Part I (cycle I) characterized by 

cell growth, enabled pyruvate and biomass production at the same time. The Part I was 

glucose and acetate controlled. Part II (cycles II – V) enabled highly-selective pyruvate 

production with non-growing cells. The highest STY of 145 g dm-3 d-1 was observed in the 

second cycle (non-growing pyruvate production phase), which represents a more than 3 fold 

increase compared to the best E. coli fed-batch results (42 g dm-3 d-1). The pyruvate/glucose 
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Figure 4.14 Biomass concentration, pyruvate concentration (cP) and specific pyruvate 

production rate (πP) in the repetitive fed-batch experiment. Specific pyruvate 

production rate was calculated differentially. 

 

yield YP/G achieved in cycles II, III and IV were higher than 1.70 mol mol-1 (0.83 g g-1) which 

is significantly better than the best fed-batch results of 1.11 mol mol-1 and is well comparable 

to the results using non-growing cells in shaking flasks with low external pyruvate titers53,54. 
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The final pyruvate titers in cycles II-IV are comparable to the best results of Li et al.106 

using Torulopsis glabrata. However it should be noticed that the STY and YP/G of the E. coli 

process are significantly improved. Using E. coli the STY is more than 5 fold higher leading to 

145 g dm-3 d-1, which coincides, with even more efficient pyruvate/glucose yields YP/G up to 

1.78 mol mol-1 (0.87 g g-1) compared to the best value of 0.80 g g-1 published so far (Li et 

al.106). 

Figure 4.14 also indicates a close correlation between decreasing specific pyruvate 

formation rates and increasing pyruvate concentrations during each cycle. We concluded that 

there is obviously an inhibition of pyruvate production caused by high extra-cellular pyruvate 

concentrations. If the cell concentration curves (Figure 4.14) are analyzed, one might wonder 

about the increase of biomass concentration at the beginning of the second cycle. 

 

Table 4.5 Integral yield pyruvate/glucose (YP/G) and integral space-time yield (STY) 

obtained in the repetitive fed-batch experiment and calculated separately for 

each cycle 

 YP/G 

[mol mol-1] 

STY 

[g dm-3 d-1] 

Cycle I 1.46 68 

Cycle II 1.71 145 

Cycle III 1.72 82 

Cycle IV 1.78 80 

Cycle V 1.21 39 

 

However, we would like to point out that the production of pyruvate was not growth 

dependent. Increase of the biomass concentration is due to the apparently slow cell recycling 

from the ultra-filtration unit back into the bioreactor. In analogy, no cell growth occurred at 

the end of the cycles (II-IV). Because of bio-fouling effects in the ultra-filtration unit the 

membrane permeability reduced (as indicated by extended filtration periods) which might 

also caused the sequential decreases of YP/G and STY from one cycle to the next (Table 4.5). 
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4.5 Electrodialysis 

While the continuous and the repetitive fed-batch experiments with cell retention 

aimed at the non-selective separation of the potentially inhibiting product pyruvate from the 

fermentation suspension, an in situ product recovery (ISPR) approach would additionally 

allow the concentration of the product in a separate liquid phase which fortunately reduces the 

amount of water to be handled during downstream processing. As indicated earlier, 

electrodialysis was considered for fully integrated pyruvate separation and concentration. 

 

4.5.1 Effect of Current on the Performance of Electrodialysis 

 Preliminary experiments using a synthetic solution (25 g dm-3 pyruvate in water) were 

performed in order to study the effect of current on the performance of the electrodialysis 

process (Figures 3.12, 4.15). Experimental results are summarized in Table 4.6. 
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Figure 4.15 Pyruvate concentration (cP) in the electrodialysis experiments for different 

currents; 2 A - ●, 5 A - ▲, and 10 A - ■ (closed symbols – pyruvate 

concentrations in the feed compartment; open symbols – pyruvate 

concentration in the acid compartment) 

 

 The power supply was set at a constant current in the range of 2 – 10 A. Experiments 

were terminated when the conductivity of the feed solution was 1 mS cm-1. Current 

efficiencies higher than 91 % and pyruvate recovery higher than 91 % were achieved in each 

experiment. The lowest current efficiency was observed in the experiment at constant current 
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of 10 A. If the electrodialysis is operated at a current density beyond the limiting value, the 

current efficiency significantly decreases, and excessive energy is also dissipated for splitting 

water. However, in the range tested up to 10 A no limiting current could be found, and there 

was no sudden change observed in resistance at 25 g dm-3 of pyruvate as shown in Figure 

4.16. Anyhow, lower current efficiency in the experiment at a constant current of 10 A cannot 

be explained by limiting current85. 

 

Table 4.6 Comparison of results for electrodialysis of pyruvate model solution, for 

different currents 

Current 

[A] 

Pyruvic acid 

recovery 

[%] 

Current 

efficiency 

[%] 

Energy 

consumption

[kWh kg-1] 

Volumetric 

productivity 

[g dm-3 h-1] 

2 95.0 97.0 1.3 11.8 

5 91.5 96.3 1.4 22.5 

10 94.4 91.3 1.7 45.2 
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Figure 4.16 Identification of limiting current 

 

High current efficiency leads to a reduction in the membrane area, and low energy 

consumption to a reduction in the operating costs. 20 % higher energy consumption for 
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recovery of 1 kg of pyruvic acid in the experiment at a constant current of 10 A was a reason 

for performing of further experiments at lower constant current even volumetric productivity 

was approximately 2 fold higher (Table 4.6). 

 

4.5.2 Effect of Medium Components on the Performance of Electrodialysis 

Preliminary experiments using a synthetic solution (48.0 g dm-3 pyruvate in water) and 

fermentation broth (42 g dm-3 pyruvate) were performed in order to study the effect of 

medium components on the performance of the electrodialysis process (Figures 3.12, 4.17). 

Experimental results are summarized in Table 4.7. 
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Figure 4.17 Pyruvate concentration (cP) in the electrodialysis experiments for pyruvate 

model solution - ●, cell-free fermentation broth (CFB) - ▲, and cell- and 

protein-free fermentation broth CPFB - ■ (closed symbols – pyruvate 

concentrations in the feed compartment; open symbols – pyruvate 

concentration in the acid compartment) 

 

Experiments were carried out at a fixed current (5 A) for the whole period. Each 

experiment was stopped when the stack voltage increased to a maximum value of 40 V to 

prevent a possible membrane rupture. Current efficiencies higher than 99 % and 91 % 

pyruvate recovery were achieved in the experiment with the model solution. Compared to the 

best result 30 % recovery decrease was observed by the use of cell-free fermentation broth 

(CFB) with a similar current efficiency. 
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Table 4.7 Comparison of results for electrodialysis of pyruvate model solution, cell-free 

fermentation broth and cell- and protein-free fermentation broth 

 Feed medium 

initial pyruvate 

[g L-1] 

Acid medium 

final pyruvate 

[g L-1] 

Pyruvic acid 

recovery 

[%] 

Current 

efficiency 

[%] 

Model solution 48.0 43.8 91.2 99.4 

CFB 41.3 24.9 60.2 99.8 

CPFB 41.3 34.8 84.3 95.6 
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Figure 4.18 Voltage (U) levels in the electrodialysis experiments for pyruvate model 

solution - ——, cell-free fermentation broth CFB - ·······, and cell- and protein-

free fermentation broth CPFB – - - - - -  

 

However, when fermentation broth was used, higher voltage levels and an accelerated 

voltage increase were measured (Figure 4.18), indicating membrane fouling by high-

molecular medium components like proteins, cell debris etc. Hence, an ultra-filtration step 

(cut-off 10 kDa) was installed for protein separation, which resulted in an 84 % pyruvate 

recovery achieving 90 % current efficiency. We concluded that cell- and protein-free broth 

(CPFB) should be used for electrodialysis. However, slightly reduced pyruvate recovery and 

current efficiency compared to the model solution (most presumably due to salts in the 
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fermentation medium) must be taken into account.Additionally, in experiments with cell- and 

protein-free fermentation broth glucose rejection of 95 % was observed. The final pH of the 

recycled feed solution in each experiment was higher than 3, which ensured sufficient 

amounts of pyruvic acid ions (pKapyruvate ≅ 2.5) in the feed107. 

 

4.5.3 Ion and Water Transport Modeling in Electrodialysis 

 The rate of water transport could be evaluated from the slope in relationship between 

the water being transferred and the time. As was observed the amount of the water transported 

was directly proportional to the current density (Figure 4.19). By mean of linear regression 

parameters α and β (Equation 3.50) were estimated (Table 4.8) from experimental results. 
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Figure 4.19 The relationship between the water transport rate and the current densities 

 

Parameters A and B (Equation 3.53, Table 4.8) were estimated by the non-linear 

regression analysis from the data set obtained in the electrodialysis of the pyruvate model 

solution at 10 A. It should be mentioned that different ion exchange membranes as well as 

different solutions would affect the value of constants A and B88. Therefore, these constants 

should be determined experimentally for different ion exchange membranes and solutes used. 
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Table 4.8 Overall phenomenological coefficient of water transport and ion transport rate 

constant electrodialysis of the pyruvic acid 

α [dm3 min-1] β [dm3 m2 min-1 A-1] A [mmol A-1 min-1] B [A-1 min-1] 

1.91 10-3 ± 0.63 10-3 8.17 10-4 ± 0.54 10-4 3.78 105 ± 1.20 105 152 ± 122 

 

 In order to verify the developed water and ion transport model for the electrodialysis 

of pyruvic acid, the calculated values obtained from the model simulation were compared to 

the collected data from experiments at different current. Both calculated as well as 

experimental results for the concentration of pyruvic acid in the acid compartment are plotted 

as shown in Figure 4.20. 
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Figure 4.20 Variation results between both calculated () and measured data (10 A - ■, 5 

A - ●, 2 A - ▲) for pyruvic acid concentration in the acid compartment for the 

different current applied 

 

The graph indicates that the developed water and ion transport model is reliable to 

describe the transport behavior for this electrodialysis system even for a different current 

(current density's). This model could be used for the prediction of the other condition for 

water and ion transport phenomena under similar operating conditions (same type of ions, 

same membranes and membrane area). 
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4.6 In situ Product Recovery (ISPR) Approach with Fully Integrated Electrodialysis 

It was planned that three streams should left the electrodialysis unit (according to 

Figure 3.12): the pyruvic acid reduced fermentation permeate, the pyruvate enriched acid 

stream and NH4OH enriched base stream. The pyruvic acid reduced fermentation permeate 

contained glucose with some nutrients and could be reused in a continuous recycling process. 

Consequently, a reduction of raw material costs was expected. NH4OH produced in the three-

compartment electrodialysis could also be reused to decrease the amount of the fresh base 

needed for pH titration. Based on the preliminary experiments, it was expected that pyruvate 

could be concentrated in the acid stream thus allowing a simplified purification later on. The 

experimental set-up of the in-situ product recovery (ISPR) is already presented (Figure 3.9). 

0 10 20 30 40 50
0

200

400

600

800

1000
IIIIII

 

 

c P [m
m

ol
 d

m
-3
]

Time [h]

 

 
Figure 4.21 Pyruvate concentration (cP) for bioreactor in the in situ product recovery 

(ISPR) approach with fully integrated three-compartment electrodialysis 

process. Pyruvate concentration in the bioreactor - ●, total amount of pyruvate 

produced referred to the real working volume of the bioreactor - ○ 

 

As indicated, fermentation suspension was first ultra-filtrated (cut-off: 500 kD) to 

produce a cell free permeate which was pumped through a second ultra-filtration unit (cut-off: 

10 kD) to separate proteins and cell debris. Then cell and protein free fermentation solution 

entered the electrodialysis. 

Fermentation permeate with reduced pyruvic acid was recycled into the bioreactor 

through a sterile micro-filtration unit to prevent a possible contamination by the non-sterile 
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pyruvate separation process. A constant flow of the NH4OH containing base stream was 

pumped into the bioreactor to support pH regulation. 

As shown by the pyruvate concentration (Figure 4.21) and formation courses (Figure 

4.22), the process can be divided into three phases: a fed-batch period (I), a continuous period 

(II), and an ISPR period (III). Pyruvate concentration kept constant which indicates an 

equilibrium between pyruvate production (by retained cells) and wash-out. Then, pyruvate 

separation via electrodialysis was started after 29 h process time and lasted for approximately 

14 h. During the period III the pyruvate concentration in the bioreactor decreased more than 

20 % (Figure 4.21). At the same time, the microbial pyruvate production was still active – 

though on a reduced level. Whereas the volumetric pyruvate formation rate was about 60 

mmol dm-3 h-1 during period II, it dropped down to approximately half of its original value 

during the ISPR phase (Figure 4.22). 
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Figure 4.22 Pyruvate production rate (rP) for bioreactor in the in situ product recovery 

(ISPR) approach with fully integrated three-compartment electrodialysis 

process. Pyruvate production rate was calculated differentially. 
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When both curves (Figures 4.21 and 4.22) are compared, a 2.5 fold pyruvate 

concentration is observed. However, the current efficiency (56 %) and the pyruvate recovery 

(72 %) were not as high as measured in the preliminary investigations (see Table 4.6). 

This finding was in contrast to the assumption that a pyruvate separation might 

prevent a potential inhibition and would consequently lead to higher (or longer lasting) 

pyruvate formation rates. However, the (unwanted) coseparation of medium components via 

electrodialysis – which for instance was not prevented by additional nutrient supplement108 – 

caused this unexpected result. As a consequence, low STY = 68 g dm-3 d-1, and low YP/G = 

1.19 mol mol-1 (Table 4.9) were observed which do not represent a process improvement in 

comparison to the repetitive fed-batch process. 

 

Table 4.9 Integral yield pyruvate/glucose (YP/G) and integral space-time yield (STY) 

obtained in the experiment and calculated separately for fed-batch, continuous 

and in situ product recovery (ISPR) phase of the experiment 

Phase YP/G [mol mol-1] STY [g dm-3 d-1] 

Fed-batch 1.38 52 

Continuous 1.62 132 

ISPR 1.19 68 

 

It can be stated that the fully integrated separation of pyruvic acid via electrodialysis was 

successfully realized. Indications are given in Figure 4.23 by showing the decrease of 

pyruvate concentration in the feed (representing the pyruvate concentration in the bioreactor) 

and the increase in the acid compartment of the electrodialysis unit. 

This was most presumably a consequence of membrane fouling caused by the 

precipitation of medium components like hardness material84, which was more intensive 

during the 14 h of the ISPR approach than during the 2.5 h of the preliminary batch 

experiments. 

Finally, pyruvate was concentrated in ED up to 550 mmol dm-3 with purity higher than 

95 %. Only 7% of glucose were also co-separated, which is comparable to the results of the 

preliminary experiments. If the total amount of pyruvate produced is referred to the real 

working volume of the bioreactor, a final concentration of about 900 mmol dm-3 (79 g dm-3) 

would have been achieved. 
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Figure 4.23 Pyruvate concentration in the feed - ▲, and in the acid compartment - ●, of the 

electrodialysis unit in the in situ product recovery (ISPR) approach with fully 

integrated three-compartment electrodialysis process. The voltage (U) drop in 

the processes is indicated with straight line 

 

4.7 Unstructured Model for the Bioconversion of Glucose to Pyruvate 

4.7.1 Data Generation 

 Fermentations were realized as a two-stage fed-batch process. During the first phase 

(cell growth and pyruvate production stage) acetate was fed according to the process control 

developed (see section 3.7.2). After biomass concentration remained constant for 3 hours, the 

second phase (pyruvate production stage) was started by stopping the acetate feed. Acetate 

controlled fed-batch fermentations were used to study influence of different glucose feeding 

strategies on molar pyruvate/glucose (YP/G) yield, integral space-time yield (STY) and final 

pyruvate titer cP. Glucose feed was started after initial amount of glucose was depleted 

(approximately 10 hours fermentation time) and it was kept constant at 10, 20 and 30 g h-1, 

respectively, in both phases. Influence of glucose was studied at acetate saturating conditions 

(f = 1) to avoid possible process limitations and inhibitions concerning acetate. 
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Figure 4.24 Influence of glucose feeding strategies on biomass concentration (OD) in 

acetate controlled fed-batch process using Escherichia coli YYC202 ldhA::Kan 

strain; qV,G = 10 g h-1 - ■; qV,G = 20 g h-1 - ●; qV,G = 30 g h-1 - ▲ 

 

Influence of glucose feeding strategies on biomass growth and pyruvate concentration 

is shown in the Figures 4.24 and 4.25. There was no difference in the first 9 hours of 

fermentations and process is highly reproducible. Negative effect on biomass growth and 

pyruvate production was caused only by different glucose feeding strategies applied after 9 

hours fermentation time. The lowest glucose feed rate applied (qV,G = 10 g h-1) lead to the 

lowest maximal biomass concentration, final cP and STY (Table 4.10). Contrary, increase of 

glucose feed rate, by kipping the same acetate feeding strategy, lead to an increase of the 

investigated process parameters. 

Interestingly, there was no significant difference in the achieved YP/G for different 

glucose feeding strategies. Except at the end of fermentations (Figure 4.26) there was no 

glucose accumulation in the experiments with qV,G = 10 and qV,G = 20 g h-1, respectively, 

indicating glucose limited conditions, for both, biomass growth and pyruvate production. The 

best results were achieved in the experiment with glucose accumulation (qV,G = 30 g h-1), 

indicating necessity of glucose control at concentration level higher than zero, to ensure 

saturating conditions for glucose uptake. 
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Figure 4.25 Influence of glucose feeding strategies on pyruvate concentration (cP) in 

acetate controlled fed-batch process using Escherichia coli YYC202 ldhA::Kan 

strain; qV,G = 10 g h-1 - ■; qV,G = 20 g h-1 - ●; qV,G = 30 g h-1 - ▲ 

 

Table 4.10 Influence of glucose feeding strategies on YP/G, STY and final cP for acetate 

controlled fed-batch fermentations using Escherichia coli YYC202 ldhA::Kan 

strain. 
  *Calculated for 33 h of process time (normal fermentation time 35 h) 

 qV,G = 10 g h-1 qV,G = 20 g h-1 * qV,G = 30 g h-1 

OD [-] 18.0 22.4 24.9 

YP/G [mol mol-1] 0.99 0.95 0.94 

STY [g dm-3 d-1] 22.2 26.7 30.7 

cP [mmol dm-3] ([g dm-3]) 368 (32.4) 442 (38.9) 480 (42.2) 
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Figure 4.26 Influence of glucose feeding strategies on glucose concentration (cG) in acetate 

controlled fed-batch process using Escherichia coli YYC202 ldhA::Kan strain; 

10 g h-1 glucose - ■; 20 g h-1 glucose - ●; 30 g h-1 glucose - ▲ 

 

4.7.2 Estimation of Parameters 

 Regarding parameter estimation, a non-linear regression (Nelder-Mead111) was 

applied. Models are composed of five differential equations, five state variables and up to 10 

parameters (see section 3.8). State variables, biomass (cX), glucose (cG), acetate (cA), pyruvate 

concentrations (cP), and reaction volume (V) were measured. Parameters estimation was 

carried out using data from fed-batch fermentation performed at qV,G = 10 g h-1. Validation of 

model parameters was performed for two different glucose feed rate qV,G = 20 g h-1 and qV,G = 

30 g h-1. The resulting differential equations were solved by the "Scientist" software package. 

Initial values of parameters µMAX,G, µMAX,A, YX/G,MAX, YX/A,MAX, KsG, and KsA, for Model 

1 were those used for growth of Escherichia coli K12 on single substrate117. The initial value 

for parameter YP/G was calculated from experimental results. Parameters VMAX, KmG, mG and 

mA, were set at a small value to avoid negative concentrations of calculated state variables. 

For discrimination of models (1a, 1b, 1c and 1d) minimal value of sum of square errors 

(difference between experimental and calculated data, Table 4.11) was set as a trial function. 

Interestingly, the Model 1b (YX,G = const.) has the smallest deviation of calculated data from 

experimental results. Additionally, parameter estimation for Model 1d (YX,G = const., YX,A = 

const.) was resulted in the negative values of some estimated parameters. 
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Table 4.11 Sum of square errors for different models(Model 1) 
  *negative values of estimated parameters 

Model Sum of square errors 

1a 3.90 · 102 

1b 2.21 · 102 

1c 2.52 · 102 

1d* 3.45 · 102 

 

Estimated values and confidence intervals of parameters, for the Model 1b, are shown 

in Table 4.12. Calculated values obtained by simulating the process together with 

experimental points, for biomass and pyruvate concentrations, are shown in Figure 4.27 and 

4.28. 

 

Table 4.12 Estimated values of parameters for the Model 1b 

Parameter  

YX/G,MAX 0.502 ± 0.253 g g-1 

YX/A,MAX 0.351 ± 0.237 g g-1 

YP/G 0.653 ± 0.049 g g-1 

µMAX,G 0.202 ± 0.102 h-1 

µMAX,A 0.323 ± 0331 h-1 

KsG 0.055 ± 0.079 g dm-3 

KsA 0.124 ± 0.050 g dm-3 

VMAX 0.809 ± 0.506 g dm-3 h-1 

KmG 0.299 ± 0.782 g dm-3 

mA 0.011 ± 0.035 g g-1 h-1 
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Figure 4.27 Simulation results of Model 1b and experimental data of biomass 

concentrations at three different glucose feed rates 
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Figure 4.28 Simulation results of Model 1b and experimental data of pyruvate 

concentrations at three different glucose feed rates 

 

 As can be observed the model was able to describe dynamic behavior of the process. 

Unfortunately, except for the data set used for estimation of parameters, model was not able 

to fit well data sets (qV,G = 20 g h-1 and qV,G = 30 g h-1) used for its validation. Both, predicted 
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biomass and pyruvate concentrations (maximal and final) were to high comparing them to the 

experimental data. 

In the next step of model development, multiple-substrate Monod kinetic was used for 

description of biomass growth. Same concept for pyruvate production used in the Model 1 

was applied in the development of Model 2. Initial value of parameter µMAX was assumed to 

be sum of µMAX,G and µMAX,A, estimated for the model 1b. Initial values of parameters YX/G,MAX, 

YX/A,MAX, KsG, and KsA, VMAX, KmG for Model 2 were estimated parameters of model 1b. The 

initial value for parameter YP/G was calculated from experimental results. Parameters mG and 

mA, were set at a small value to avoid negative concentrations of calculated state variables. As 

in the evaluation of different concepts of Model 1, for discrimination of models (2a, 2b, 2c 

and 2d) minimal value of sum of square errors (difference between experimental and 

calculated data, Table 4.13) was set as a trial function. As in the case of Model 1 (Table 4.11), 

the Model 2b (YX,G = const.) has the smallest deviation of calculated data from experimental 

results. Furthermore, sum of square errors calculated for model 2b is lowest than one 

calculated for the model 1b. Additionally, parameter estimation for Model 2d (YX,G = const., 

YX,A = const.), as in the case of Model 1, was resulted in the negative values of some estimated 

parameters. 

 

Table 4.13 Sum of square errors for different models (Model 2) 
  *negative values of estimated parameters 

Model Sum of square errors 

2a 2.50 · 102 

2b 1.99 · 102 

2c 2.12 · 102 

2d* 3.37 · 102 

 

Estimated values and confidence intervals of parameters, for the Model 2b, are shown 

in Table 4.14. Calculated values obtained by simulating the process together with 

experimental points, for biomass and pyruvate concentrations, are shown in Figure 4.29 and 

4.30. 
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Table 4.14 Estimated values of parameters for the Model 2b 

Parameter  

YX/G,MAX 0.953 ± 0.198 g g-1 

Y  X/A,MAX 0.653 ± 0.436 g g-1 

YP/G 0.648 ± 0.032 g g-1 

µMAX 0.771 ± 0.417 h-1 

KsG 0.069 ± 0.216 g dm-3 

KsA 0.143 ± 0.103 g dm-3 

VMAX 1.377 ± 0.788 g dm-3 h-1 

KmG 0.377 ± 0.949 g dm-3 

mA 0.055 ± 0.293 g g-1 h-1 
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Figure 4.29 Simulation results of Model 2b and experimental data of biomass 

concentrations at three different glucose feed rates 

 

 As can be observed the model 2 b as well as model 1b was able to describe dynamic 

behavior of the process. Both predicted maximal and final biomass concentration fits very 

well data from the experiments of three different conditions. As in the case of model 1b
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predicted pyruvate concentrations (maximal and final) were to high comparing them to the 

experimental data. It should be stressed that in fed-batch process the acetate concentration 

was kept very low (saturating conditions) and process behavior was controlled by the acetate 

feed rate rather than by kinetics itself. This fact accounts for the very large confidence region 

of parameters KsG, KsA, and mA in both models (1b and 2b). Additionally, very large 

confidence region for parameters of bioconversion of glucose to pyruvate (observed in both 

models) are probably consequence of inadequate kinetic mechanism selected for its 

description. 
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Figure 4.30 Simulation results of Model 2b and experimental data of pyruvate 

concentrations at three different glucose feed rates 

 

 In order to improve a model concerning pyruvate production the Model 3 was set up. 

Same concept for biomass growth description used in the Model 2b was applied in the 

development of Model 3. Simple Michaelis-Menten kinetics was used in modeling of 

pyruvate production. It was assumed that YP/G is the function of pyruvate concentration. 

Estimation of parameters was performed and calculated sum of square errors for Model 3 was 

equal to 1.86 · 102 and the smallest comparing it to the sum of square errors calculated for 

Models 1 and 2. 

Estimated values and confidence intervals of parameters, for the Model 3, are shown 

in Table 4.15. Calculated values obtained by simulating the process together with 

experimental points, for biomass and pyruvate, are shown in Figure 4.31 and 4.32. 
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Table 4.15 Estimated values of parameters for the Model 2b 

Parameter  

YX/G,MAX 0.953 ± 0.198 g g-1 

YX/A,MAX 0.653 ± 0.436 g g-1 

YP/G,MAX 0.846 ± 0.025 g g-1 

µMAX 0.771 ± 0.417 h-1 

KsG 0.069 ± 0.216 g dm-3 

KsA 0.143 ± 0.103 g dm-3 

VMAX 1.506 ± 0.264 g dm-3 h-1 

KmG 0.345 ± 0.114 g dm-3 

mA 0.055 ± 0.293 g g-1 h-1 
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Figure 4.31 Simulation results of Model 3 and experimental data of biomass concentrations 

at three different glucose feed rates 

 

 As can be observed the model 3 as well as models 1b and 2b was able to describe 

dynamic behavior of the process. Both predicted maximal and final biomass concentration fits 

data from the experiments at the three conditions very well. Contrary to the results obtained



4.7 Unstructured Model for the Bioconversion of Glucose to Pyruvate 90

with models 1b and 2b, Model 3 fits very well predicted maximal and final pyruvate 

concentration (maximal and final). Furthermore, narrow confidence region for parameters in 

charged in bioconversion of glucose to pyruvate for Model 3 (VMAX, KmG, and YP/G, Table 

4.15) indicated adequate kinetic mechanism selected for its description. 

0 10 20 30 40
0

15

30

45

60

 V
G
 = 10 g h-1

 V
G
 = 20 g h-1

 V
G
 = 30 g h-1

 model

 

 
c P [g

 d
m

-3
]

Time [h]

 
Figure 4.32 Simulation results of Model 2b and experimental data of pyruvate 

concentrations at three different glucose feed rates 
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Figure 4.33 Comparison between calculated values obtained by simulation of models 1b, 

2b and 3, and experimental data for glucose concentration in the fed-batch 

experiment with constant glucose flow of 30 g h-1 
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 Additionally, models 1b and 2b were not able to predict glucose concentration profile 

especially in the case of higher amount of glucose fed in the process (qV,G = 30 g h-1). 

According to the calculated values obtained by simulation of the process, models 1b and 2b 

predicted accumulation of glucose in the pyruvate production stage, which was not the case in 

the experiment. Contrary, model 3 was able to simulate this behavior. All developed and 

investigated models were not able to simulate glucose accumulation at the end of the process. 

Furthermore, all models predict certain level of glucose accumulation (depending on the 

model from 2 to 6 g dm-3) immediately after fed-batch phase was started (approximately 9 

hours fermentation time) which was not confirmed with the experiment (Figure 4.33). 

 

4.7.3 Validation of the Model 

In order to validate the model 3 additionally, fed-batch experiment (see section 4.2.2) 

and repetitive fed-batch experiment (see section 4.4) were simulated, and the calculated 

values obtained by the model were compared with the experimental results. For the model 

validation in the fed-batch process experimental and calculated results for the biomass (Figure 

4.34) and the pyruvate (Figure 4.35) concentrations were taken in account. 
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Figure 4.34 Comparison between calculated values obtained by simulation of model 3 (—), 

and experimental data (■) for biomass concentration in the fed-batch 

experiment with acetate accumulation (f = 0.8) using Escherichia coli YYC202 

ldhA::Kan strain 
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Figure 4.35 Comparison between calculated values obtained by simulation of model 3 (—), 

and experimental data (■) for pyruvate concentration in the fed-batch 

experiment with acetate accumulation (f = 0.8) using Escherichia coli YYC202 

ldhA::Kan strain 

 

 A good agreement of the model with the both data sets: the biomass concentration and 

the pyruvate concentration was obtained. Higher differences in the case of biomass in the last 

phase of experiment (after 30 h, Figure 4.34) cannot be explained just by dilution of the 

system (included in the model). Most probably, model simplicity was the reason for this 

behavior. Precisely, biomass growth was assumed to be exponential in entire fermentation, 

and the death phase was not considered in the kinetic equation for description of the biomass 

growth (Equation 3.37), which was obviously the case in the experiment. 

 In the case of the pyruvate concentration good prediction was obtained in the first 20 

hours of the fed-batch fermentation. Unfortunately, maximal pyruvate concentration 

calculated was approximately 10 % lower than maximal pyruvate concentration obtained in 

the experiment (Figure 4.35). As in the case of predicted biomass concentration model 

simplicity could be a reason for such a kind of the model response. Additionally, experiments 

used for estimation of parameters (see sections 4.7.1 and 4.7.2) were designed to ensure 

glucose limited conditions, which was not included in the part of the model in charged for 

conversion of glucose to pyruvate (Equation 3.40). Anyhow, Figures 4.34 and 4.35 
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demonstrate that the model simulations of the batch and fed-batch culture dynamics correlated 

reasonably well with the experimental batch and fed-batch culture kinetics obtained. 

 To illustrate model limits calculated glucose concentrations were compared with the 

experimental results (Figure 4.36). Obviously, model is able to predict process behavior in the 

batch phase of the experiment, which is not the case in the second, fed-batch phase. The 

glucose concentration in the experiment was regulated at 5 g dm-3. The glucose concentration 

predicted by the model was 10 fold lower, (probably like in the case of the biomass and the 

pyruvate) because of model simplicity and some assumptions used in model development 

especially in the bioconversion part of the model. Precisely, bioconversion glucose-pyruvate 

was assumed to be one-step enzymatic reaction. In Escherichia coli metabolism production of 

pyruvate from glucose is much more complicate (nine enzymatic reactions plus transport of 

glucose via PTsystem). Interestingly, model was qualitatively able to predict glucose 

accumulation observed in the experiment (12 to 16 hour fermentation time). 

0 10 20 30 40
0

5

10

15

20

 

 

c G
 [g

 d
m

-3
]

Time [h]

 
Figure 4.36 Comparison between calculated values obtained by simulation of model 3 (—), 

and experimental data (■) for glucose concentration in the fed-batch 

experiment with acetate accumulation (f = 0.8) using Escherichia coli YYC202 

ldhA::Kan strain 

 

Additionally, in Table 4.16 integral STY, integral YP/G and final cP calculated from 

experimental results and calculated by model simulation were compared. 
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Table 4.16 Comparison of integral STY, integral YP/G and final cP calculated from 

experimental results and calculated by model simulation 

 Experiment Model 

YP/G [mol mol-1] 1.11 0.97 

STY [g dm-3 d-1] 42.0 32.6 

cP [mmol dm-3] ([g dm-3]) 62.0 54.2 

 

Figures 4.37 and 4.38 demonstrate the model simulation and the experimental results for the 

biomass and the pyruvate concentration in the repetitive fed-batch experiment. As is indicated 

in the section 4.4 increase of the biomass at the end of the cycles was not growth dependent. 

Due to the apparently too slow cell recycling from the ultra-filtration unit into the bioreactor 

the biomass increases at the end of the cycles. Probably that was the main reason why 

experimental results for biomass concentration were just principally verified by the model. 

However, still exhibits a large deviation. 
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Figure 4.37 Comparison between calculated values obtained by simulation of model 3 (—), 

and experimental data (■) for biomass concentration in the repetitive fed-batch 

experiment using Escherichia coli YYC202 ldhA::Kan strain 

 

As was in the case pyruvate concentration prediction in the fed-batch experiment, maximal 

pyruvate concentration calculated with the use of model was approximately 10 % or more 
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lower than one obtained in the experiment. Same explanations given in the description of 

model inadequacy for the fed-batch experiment can be used as well for the repetitive fed-

batch experiment. It is obvious that maximal pyruvate production rate is not constant and it is 

dependent on the activity of the biomass from beginning to the end of the fermentation. For 

the first four cycles maximal pyruvate concentration achieved by the model is lowest than 

experimentally obtained values. Contrary, in the last cycle, maximal calculated pyruvate 

concentration is higher than one achieved in the experiment (Figure 4.38). 
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Figure 4.38 Comparison between calculated values obtained by simulation of model 3 (—), 

and experimental data (■) for pyruvate concentration in the repetitive fed-batch 

experiment using Escherichia coli YYC202 ldhA::Kan strain 
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5. CONCLUSIONS 

 

 Four process strategies for E. coli based pyruvate production were investigated. 

A fed-batch process was completely developed. Glucose closed-loop control was 

established, and acetate open-loop control was developed on the basis of on-line measurement 

of exhaust gases. High co-production of lactate was detected by the use of E. coli YYC202 

strain. That motivated the construction of a new non-lactate producing E. coli YYC202 

ldhA:Kan strain. With the new strain, the final pyruvate titer in the fed-batch process is 

increased by 40 % and a yield (YP/G) to 1.11 mol mol-1. 

Evidence was obtained that high extracellular pyruvate concentrations are inhibiting 

for further pyruvate production. 

Three alternative processes – a continuous process with cell retention, a repetitive fed-

batch process and an in situ product recovery (ISPR) approach with fully integrated ED – 

were studied in order to test their applicability for microbial pyruvate production considering 

a potential product inhibition. 

Continuous process experiments revealed long-term production strain instabilities 

leading to space-time yields (STY) of 104 – 117 g dm-3 d-1 together with low pyruvate/glucose 

yields (YP/G) of  1.10 – 1.24 mol mol-1. 

Repetitive fed-batch experiments as a very promising process approach were carried 

out. STY was improved more than 5 fold compared to the published data with Torulopsis 

glabrata36. The obtained integral YP/G = 1.78 mol mol-1 (0.87 g g-1), represents the highest 

value published so far for the production of pyruvate from glucose. The value coincides with 

high pyruvate concentrations (up to 700 mmol dm-3) and high pyruvate production rates (up to 

19 g gCDW
-1 d-1). 

The use of electrodialysis (ED) has shown that this separation process is well suited to 

separate pyruvate from fermentation broth – even in a fully integrated ISPR process. ED 

should also be favored with respect to a sustainable process development because it offers the 

opportunity to separate pyruvate without using solvents, to concentrate the product and to 

minimize process waste water in fully integrated ED. The model for the electrodialysis 

process was also developed. 

The proposed model 3 for the bioconversion of glucose to pyruvate using Escherichia 

coli YYC202 ldhA::Kan strain fitted adequately the experimental data of the different 
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processes. The developed model is able to give further information allowing process 

optimization. 
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7. APPENDIX 

 

7.1 List of Symbols 

A  area; [m2] 

A ion transport rate constant; [mmol A-1 min-1] 

B ion transport rate constant; [A-1 min-1] 

ACR acetate consumption rate; [mmol dm-3 h-1] 

b change in volumetric consumption rate; [g dm-3 h-2] 

c concentration; [g dm-3] or [mmol dm-3] or [mol m-3] 

ĉ  estimated concentration; [g dm-3] 

CE current efficiency; [-] 

CTR volume-specific CO2 transfer rate; [mmol dm-3 h-1] 

D diffusion coefficient; [m2 s-1] 

D dilution rate; [h-1] 

E extinction; [-] 

f parameter; [-] 

F  Faraday's constant; [C mol-1] 

F function 

gi random disturbances; [g dm-3 h-1] 

i current density; [A m-2] 

Km Michaelis-Menten constant; [mol dm-3] 

KS Monod constant; [mol dm-3] 

m maintenance; [h-1] 

qM mass flow rate; [g h-1] 

M molecular weight; [g mol-1] 

M random error; [g dm-3] 

N mole flux; [mol s-1 m-2] 

OD600 optical density at λ = 600 nm; [-] 

Q̂  estimated volumetric consumption rate; [g dm-3 h-1] 

qV volumetric flow rate; [dm3 h-1] 

r reaction (production, consumption) rate; [mmol dm-3 h-1] [g dm-3 h-1] 

s tracking output difference; [g dm-3] 
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STY space-time yield; [g dm-3 d-1] 

t time; [h] [min] [s] 

t transport number; [-] 

u weighting factor; [-] 

V  volume; [dm3] 

vMAX maximal reaction rate; [h-1] 

VR fermentation broth volume; [dm3] 

Y yield; [mol mol-1] [g g-1] 

 

Greek letters 

α phenomenological coefficient; [dm3 min-1] 

β phenomenological coefficient; [dm3 m2 min-1 A-1] 

δ thickness of the boundary layer; [m] 

λ wavelength; [nm] 

µ specific growth rate; [h-1] 

µMAX maximal specific growth rate; [h-1] 

π specific production rate [mmol gCDW
-1 h-1] 

ρ density; [g dm-3] 

ω recycle ratio; [-] 

 

7.1.1 List of Abbreviations 

A acetate 

aceEF pyruvate dehydrogenase 

ackA acetate kinase 

Ac-CoA acetyl-coenzyme A 

ADP adenosine di-phosphate 

AMP adenosine mono-phosphate 

ATP adenosine tri-phosphate 

CDW cell dry weight 

CFB cell free fermentation broth 

CPFB cell and protein free fermentation broth 

CoA coenzyme A 

CSTR stirred-tank reactors 
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DW dry weight 

ED electrodialysis 

F function 

FAD flavine adenine dinucleotide 

G glucose 

G6P glucose-6-phosphate 

GDP guanosine diphosphate 

GTP guanosine triphosphate 

HPr histidine protein 

ISPR in situ product recovery 

L lactate 

ldhA lactate dehydrogenase 

L-DOPA L-dihydroxyphenyl alanine 

MV3 minimal variance controller 

NAD nicotinamide adenine dinucleotide 

NADH nicotinamide adenine dinucleotide reduced 

NADP nicotinamide adenine dinucleotide phosphate 

NADPH nicotinamide adenine dinucleotide phosphate reduced 

P pyruvate 

PEP phosphoenolpyruvate 

pflB pyruvate formate lyase 

poxB pyruvate oxidase 

PPP pentose phosphate pathway 

pps phosphoenolpyruvate synthetase 

pta phosphotransacetylase 

PTS phosphotransferase system 

pyk pyruvate kinase 

TCA tricarboxylic acid 

WSED water splitting electrodialysis 

 

7.1.2 Subscripts 

0 influent, initial 

IN intra cellular 

EX extra cellular 
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P permeate 

P product 

S substrate 

X biomass 

 

7.2 List of Chemicals and Enzymes 

All chemicals used were in the pure form "pro analysi" or "reinst" except otherwise stated. 

 

25 % ammonia     Merck 

acetone     Merck 

AlCl3 · 6H2O     Merck 

antifoam S 289    Sigma-Aldrich 

ATP      Boehringer 

Bacto Tryptone    Difco 

CaCl2 · 2H2O     Merck 

CuCl2 · 2H2O     Merck 

CoCl2 · 6H2O     Merck 

FeSO4 · 7H2O     Merck 

glucose     Merck 

glucose monohydrate    Roquette Italia S. P. A. 

glucose-6-phosphate-dehydrogenase  Boehringer 

glycerin     Merck 

H3BO3      Merck 

HCl (32 %)     Merck 

HEPES     Merck 

hexokinase     Boehringer 

isopropyl     Merck 

kanamycin disulphate    Merck 

KH2PO4     Merck 

K2CO3      Merck 

K2HPO4     Merck 

maleic acid     Merck 

methanol     Merck 

MgCl2 · 6H2O     Merck 
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MgSO4     Merck 

MnSO4 · H2O     Merck 

NaCl      Merck 

NAD      Boehringer 

NaH2PO4 · H2O    Merck 

Na2HPO4     Merck 

Na2MoO4 · 2H2O    Merck 

NaOH (45 %)     Merck 

Na2SO4     Merck 

NH4Cl      Merck 

(NH4)2SO4     Merck 

perchloric acid    Merck 

potassium acetate    Merck 

sodium pyruvate    Merck 

tetracycline hydrochloride   Merck 

tris-(hydroxymethyl)-aminomethane  Merck 

Tween 20     Merck 

yeast extract     Merck 

ZnSO4 · 7H2O     Merck 

 

7.3 List of Equipments 

A/D converter    SMP Interface   Siemens 

autoclaves    different   Tutnauer GMBH,  

balances    IP 65, 3807MP  Sartorius AG 

bioreactor    7.5 L    Infors 

biosensor strip    glucose   SensLab2 

centrifuges    different   Heraeus, Beckmann 

centrifugal pumps       Iwaki 

conductivity meter   LF537    WTW 

dilutor     Micro LAB 1000  Hamilton 

electro dialysis stack       Goema 

feeding system   YFC 01Z   Sartorius AG 

fluorescence detector   RF-535   Shimadzu 

gas analyzer    Binos 100 2M   Fisher-Rosemount 
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homogenisator   Vortex    Bender and Holbein 

HPLC         Sykam 

laboratory robot   Biomek 2000   Beckman Instrument 

laminar flow chamber       Heraeus 

LC-MS: a) HPLC      Gynkotek 

  b) MS       Thermo Finnigan 

micro-titer plate photometer  Thermomax   Molecular Devices 

micro-titer plate shaker  Titrimax   Heidolph 

off-line glucose measurement Accutrend Sensor®  Roche Diagnostic 

on-line glucose measurement  OLGA GL2b   IBA GmbH 

oven         Heraeus 

peristaltic pumps   U101, U501, U504  Watson-Marlow 

     601F/625L 

pH electrode    F-615-B130-DH  Broadley James 

pH meter    632    Methrom 

photometer    UV-160 A   Shimadzu 

pO2 electrode    12 mm OxyProbe  Broadley James 

power unit    NGRE 100/10   Rohde & Schwarz 

rotation shaker   3033    GFL GmbH 

ultra low freezer   C 21085   New Brunswick Scientific 

 

7.4 HPLC and LC-MS Parameters 

 

7.4.1 HPLC for Organic Acids 

HPLC    Sycam 

Column   Aminex HPX-87H, 300 × 7.8 mm, BioRad 

Detector   S3300, UV-Detector, Sycam 

Eluent    5 mmol dm-3 H2SO4 (isocratic) 

Flow    0.5 mL min-1 

Injection volume  100 µL 

Oven temperature  40 °C 

Wavelength extinction 215 nm 
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7.4.2 HPLC for Amino Acids 

HPLC    Sycam 

Column   Licrospher 100, RP 18-5 EC, 125 × 4 mm, Merck 

Detector   RF-535, Fluorescence detector, Shimadzu 

Eluent A   phosphate buffer (10 mM, pH 7.2) 

    0.5 % tetrahydrofuran 

Eluent B   50 % phosphate buffer (10 mM, pH 7.2) 

    35 % methanol 

    15 % acetonitrile 

Gradient   0 min 80 % B 

    7 min 90 % B 

    8.5 min 100 % B 

    11 min 100 % B 

    12 min 80 % B 

Flow    0.9 mL min-1 

Injection volume  5 µL 

Guard column exposition 90 s 

Oven temperature  40 °C 

Wavelength extinction 330 nm 

Wavelength emission 450 nm 

 

7.4.3 LC-MS 

HPLC autosampler  Gina 50, Gynkotek 

HPLC pump   M 480, Gynkotek 

Column   β-Nucleodes-OH, Macherey-Nagel 

Detector   LCQ ion trap mass spectrometer, Thermo Finnigan 

Eluent A   12 mM aqueous ammonium acetate 

Eluent B   80 %, v/v, methanol 

    20 % v/v, eluent A 

Gradient   0 - 15 min 2 % Eluent B, 98 % Eluent A 

15 - 30 min linear increase to 100 % Eluent B 

30 - 45 min 100 % Eluent B 

45 - 47 min linear dicrease to 2 % Eluent B, 98 % Eluent A 
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47 - 60 min 2 % Eluent B, 98 % Eluent A 

Flow a) HPLC  0.5 mL min-1 

 b) MS   40 µL min-1 

Injection volume  20 µL 

ESI Parameters: 

temperature of heated capillary 250 °C 

electro-spray capillary voltage 4.5 kV 

sheath gas    80 units = 1.2 L min-1 

auxilary gas    no 

detection of negative ions  full scan mode 

 

7.4.4 HPLC Chromatograms 
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Figure 7.1 HPLC chromatogram of pyruvate standard solution 
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Figure 7.2 HPLC chromatogram of standard mix (citrate, succinate, lactate, fummarate, 

acetate) solution 
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Figure 7.3 HPLC chromatogram of reaction mixture 

 

Table 7.1 Retention times for organic acids determined by HPLC 

Compound Time [min] Compound Time [min] 

Citrate 8.06 Lactate 12.37 

Pyruvate 9.28 Fummarate 12.90 

Succinate 10.97 Acetate 14.10 
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7.5 Ecological Validation of the Process 
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Figure 7.4 Ecological validation of the process. Comparison of CO2 emissions in the 

classical pyruvate production process (pyrolysis of tartaric acid) and in the fed-

batch pyruvate production process using Escherichia coli YYC202 ldhA::Kan 

strain for the production of 1 t pyruvate 
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Figure 7.5 Ecological validation of the process. Comparison of CO2 emissions in the 

classical pyruvate production process (pyrolysis of tartaric acid) and in the 

repetitive fed-batch pyruvate production process using Escherichia coli 

YYC202 ldhA::Kan strain for the production 1 t pyruvate 
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7.6 Economical Validation of the Process 
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Figure 7.6 Ecological validation of the process. Comparison of CO2 emissions in the 

classical pyruvate production process (pyrolysis of tartaric acid) and in the fed-

batch pyruvate production process using Escherichia coli YYC202 ldhA::Kan 

strain for the production of 1 t pyruvate 
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